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Chapter 1

Introduction and
Overview

Welcome to the Strategy of Distillation Control, Optimizing
Quality Performance, and Tuning Control Loops. This first
chapter is a short summary of the topics covered in this course.

Learning Objectives

When you have completed this chapter, you should be able to

1. Understand the general organization of the content in the
course

2. Know the course objectives

3. Know how to proceed through the course

1.1 Course Coverage

This book focuses on the fundamentals of process control of
distillation columns. It covers the following topics:

—
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1. The process variables for continuous binary distillation
columns and four basic control strategies

2. The distillate and bottoms product quality performance
objectives

3. The tuning of process control loops

When you finish this course, you will understand the funda-
mental separation and purification concepts to be achieved
by a distillation column and the functional criteria that are
critical for successful implementation of process control.
Concepts for measuring and optimizing product quality per-
formance will also be understood. You will also learn how
process control loops for distillation columns can be tuned
for stable operation with a balance between minimum vari-
ability from setpoint changes and excellent response to load
disturbances. By approaching the subject this way, you will
gain a fundamental understanding that can guide decisions
for the design, operation, and troubleshooting of distillation
process control systems.

This book is written from a perspective that was developed
as the result of 37 years of industrial research at The Dow
Chemical Company that focused on inventing, developing, and
implementing industrial separation and purification processes.
The work process for research and development is the scien-
tific method, which will now be described.

The Scientific Method

1. Define the problem and the opportunity.

2. Search and understand the state of the art.

3. Develop a hypothesis, that is, a concept or a model.

4. Design and run experiments to test the validity of the
hypothesis.

5. Evaluate, summarize, and document the results.
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The main problem in distillation process control is to sepa-
rate and purify chemical components in liquid and vapor
streams while shedding the disturbances that are imposed

on the distillation column. The opportunity is to separate the
components from a feed stream into new vapor and liquid
streams that have increased economic value at a cost that is
competitive with other producers. Conducting research in a
large corporation provides the opportunity to apply the results
of improved performance to many distillation towers in many
different businesses.

Distillation is a mature technology that is well developed
and tested by the scientific method. Two comprehensive
books have been written by Kister? on the design and
operation of distillation columns. The control of distil-
lation columns has been widely studied for many years,
many papers have been written, and several books have
been published on the subject such as the one by Buckley,
Luyben, and Shunta.®? There is a large body of information to
search and understand in the state of the art of distillation
and process control.

During the last 20 years, there has been a continuing
emphasis on improved product quality, performance, and
reduced operating costs such as energy consumption, lost
product, rework, maintenance, and labor cost per unit of prod-
uct produced. Computer hardware and computer programs
have been improved dramatically for simulating and model-
ing the distillation process and the dynamic response for the
hypothesis in Step 3 in the scientific method. The chemical
engineering fundamentals and mathematical hypotheses used
to describe the design and performance of distillation columns
are continually tested for their validity by plant operations in
industry. Ultimately, the results are judged by the business that
is responsible for the quality and profitability of the products
produced by distillation and by the manufacturing department
responsible for operating the process equipment.
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1.2 Purpose

The purpose of this book is to present the fundamentals of
process control of a distillation column as a separation and
purification unit operation. This includes the critical concepts
and functional criteria for the design, operation, and trouble-
shooting of distillation process control plus the concepts of
measuring and improving product quality performance. There
is a prevailing need to strike a balance between understand-
ing the concepts that are critical to exercising good engineer-
ing judgment and understanding the intricate details of each
hypothesis. The focus of this book is on achieving distillation
product purity at low cost without dwelling on complex math-
ematical descriptions.

Often, there is more than one way to achieve the desired
results, so conflicts can develop about which is the best way
to approach a subject and what creates the most value. The
cost of acquiring resources and developing everyone’s knowl-
edge is generally too high. On the other hand, the risk of
failing to meet production rates or product quality or of con-
suming excessive raw materials and energy has economic
consequences for the business. Generally, the highest value is
created by striking a balance.

1.3 Audience and Prerequisites

The material in this book can be useful for engineers, tech-
nicians, and plant operators concerned with the design,
operation, and troubleshooting of process control systems for
distillation columns. The course can also be useful for stu-
dents who want to gain insights into the practical approach
to distillation process control in industry and tuning control
loops in a plant control room.

There are no specific prerequisites for taking this course.
However, it would be helpful to have a basic understanding of



Introduction and Overview ® 5

the distillation unit operation and process control loop con-
cepts. The only mathematics skills required are basic arithme-
tic and algebra.

1.4 Study Materials

This textbook is the only study material required. Additional
references are provided in each chapter.

1.5 Organization and Sequence

This book is divided into 10 separate study chapters.
Chapters 2, 3, and 4 deal with the distillation variables,
and Chapter 5 covers distillation process control strategies.
Chapter 6 describes some of the constraints on distillation
variables and separation capabilities. Chapter 7 introduces the
concepts that are critical to product quality and the measure-
ments that evaluate performance criteria such as frequency
of failure. Chapter 8 describes the concepts and nomencla-
ture that are fundamental to PID control loops. Chapter 9
covers the concepts of tuning process controllers when they
are operating in automatic output mode. Chapter 10 is about
measuring the response of process variables when the con-
troller is in manual output mode, that is, with no feedback
from the process variable.

There are example problems and exercises for each chapter
to test your understanding of the material. The solutions to all
of the exercises are given in the appendix.

1.6 Course Objectives

When you have completed this entire book, you should be
able to



6 ®m Distillation Control, Optimization, and Tuning

1. Understand the manipulated variables and controlled vari-
ables for a distillation column

2. Understand the fundamentals of various strategies for
controlling distillation columns

3. Understand many of the constraints and limits that cannot
be exceeded in distillation control

4. Understand the measurements that are critical to product
quality performance and the resultant frequency of failure

5. Understand how to tune a process controller when it is
in automatic output mode and how to demonstrate the
response of a process with the controller in manual out-
put mode

1.7 Course Length

The organization of this book into chapters is designed for
either classroom teaching or self-paced learning that can meet
the needs and skill level of each student. Chapter 2 is helpful
for understanding the nomenclature used throughout the book
regarding the naming conventions for the distillation process
streams. Chapter 7 can be studied alone for understanding

the optimization of product quality performance and the fre-
quency of failure. Chapters 9 and 10 can be studied separately
for tuning control loops.

References

1. Kister, H. Z., Distillation Operation, McGraw-Hill, New York,
1989.

2. Kister, H. Z., Distillation Design, McGraw-Hill, New York, 1992.

3. Buckley, P. S., Luyben, W. L., and Shunta, J. P., Design of
Distillation Column Control Systems, ISA, Research Triangle
Park, North Carolina, 1985.



Chapter 2

Distillation Control
Variables

This chapter provides you with a concept drawing of a distilla-
tion column with all of the streams labeled.

Learning Objectives

When you have completed this chapter, you should be able to

1. Use the distillation column concept drawing for reference
and for communication with others about the key vari-
ables and control elements

2. Recognize the names of the inlet and outlet streams used
in a distillation system

3. Know the standard definition of reflux ratio

Distillation is the main unit operation in chemical engineer-
ing for the separation and purification of liquids and vapors.
A feed mixture of chemicals can be separated into the more

N
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Overhead
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T e
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Figure 2.1 Distillation column control.

volatile components in a distillate stream at the top of a distil-
lation column and the less volatile components in a bottoms
stream (Figure 2.1). The inlet and outlet stream flow rates

are the manipulated variables in distillation column control.

A manipulated variable is usually the flow rate of a stream
that has an automatic valve connected to a controller output
signal.

2.1 Distillation Column Inlet Streams

For a continuous binary (two-component) distillation column,
there are three streams entering the column:
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1. Feed
2. Boilup
3. Reflux

2.2 Distillation System Outlet Streams

There are two main streams and one minor stream leaving a
distillation system:

1. Distillate

2. Bottoms

3. Small vent stream of inert or light vapors leaving the
reflux drum

2.3 Controlled Variables

A controlled process variable is usually a flow rate, pressure,
or temperature signal from a sensor and transmitter that is
used to provide the input to a controller. A controlled variable
is controlled to a setpoint.

The main variables to be controlled in a distillation column
are the following:

1. Distillation column pressure
2. Reflux drum liquid level

3. Column bottom liquid level
4. Separation power base

5. Material balance split

The pressure in a distillation column has an overriding influ-
ence on the control of the process. The pressure needs to be
run as steady as possible because a reduction in pressure can
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cause a surge in vaporization. An increase in pressure can
cause a surge in condensation.

The separation power base in the classic McCabe-Thiele!
graphical model of a binary distillation column is established
by the reflux ratio, R/D, which is the ratio of the reflux flow
rate divided by the distillate flow rate. For example, with a
distillation column that is fed 1,000 kg/h of feed that produces
85 kg/h of distillate with 425 kg/h of reflux, the reflux ratio
is 425/85 = 5. A minimum reflux ratio is required to achieve
the desired separation with an infinite number of theoretical
stages. The maximum reflux ratio, called total reflux, with zero
distillate flow rate can be used in design calculations to deter-
mine the minimum number of theoretical stages required to
achieve a desired separation.

The desired material balance split, D/F, that is, the ratio
of the distillate flow rate divided by the feed rate, is gener-
ally determined by the weight fraction of light components in
the feed stream. For example, a distillation column for sepa-
rating ethanol from water that produces 85 kg/h of distillate
from 1,000 kg/h of feed would be running with a D/F ratio of
85/1000 = 0.085.

2.4 Summary

This chapter presented a concept drawing of a distillation
process that included flow rate sensors, liquid level sensors,
temperature sensors, and process control valves. The process
streams were identified and labeled. The standard definition
of reflux ratio was presented, and the concepts of separation
power and material balance split were introduced.
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Exercises

2.1 With a reflux ratio (R/D) of 4.0 and a material balance
split (D/F) of 0.5, what is the ratio of reflux/feed?

2.2 If the reflux ratio (R/D) is 3.0, what is the ratio of reflux
to overhead vapor (R/O)?

Reference

1. McCabe, W. L., and Thiele, E. W., Graphical design of fraction-
ating columns, Ind. Eng Chem., 17, 605, 1925,






Chapter 3

Separation Power

The separation power in a distillation column is associated
with the height of the column and the energy consumed to
achieve the desired separation and purification of products.

Learning Objectives

When you have completed this chapter, you should be able to

1. Understand the origin of separation power in distillation

2. Calculate the key impurity separation power

3. Conceptualize the control of separation power with the
ratio of steam/feed or reflux/feed

4. Consider ways of minimizing energy consumption

3.1 Relative Volatility in One Theoretical Stage

The separation power in a distillation column comes from the
thermodynamic vapor-liquid equilibrium relative volatility, the
number of theoretical stages achieved by the column, and the
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energy consumed, that is, boilup and reflux flow rates, relative
to the feed rate. The relative volatility in a single stage origi-
nates thermodynamically from the ratio of pure component
vapor pressures and the ratio of activity coefficients in the lig-
uid phase (Equation 3.1). The separation power is the ratio of
component 1 to component 2 in the vapor phase divided by
the ratio of component 1 to component 2 in the liquid phase.
Nonidealities in the vapor phase are often insignificant below
about 2 atm of pressure.

o = Y01/ Va2 = W1/Y)/(x/x,) (3.D

where:

o = relative volatility, alpha
Y = activity coefficient in liquid phase, gamma
p = pure component vapor pressure
x = mole fraction in liquid phase
» = mole fraction in vapor phase

subscript 1 = component 1

subscript 2 = component 2

For example, when 4.88 wt% ethanol in water is in equilib-
rium with 3558 wt% ethanol in water vapor at atmospheric
pressure, the relative volatility, a., is equal to (35.58/64.42)/
(4.88/95.12) = 10.77.

When a binary system is ideal with no interaction, the
activity coefficients in the liquid phase are 1.0 and the sys-
tem obeys Raoult’s law. One rough rule of thumb is that the
ratio of pure component vapor pressures is equal to 1.036
raised to the power of the difference in boiling points in
degrees Celsius. Komori and Ohe! reported a complete set of
vapor-liquid equilibrium data for cyclohexane/n-heptane at
atmospheric pressure as shown in Table 3.1. The atmospheric
boiling point of 7-heptane is 98.4°C, and the atmospheric boil-
ing point of cyclohexane is 80.7, so the difference in boiling
point is 17.7°C. The rough rule of thumb suggests that the ratio
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Table 3.1 Vapor-Liquid Equilibrium Data for
Cyclohexane/n-Heptane at 760 mm Hg

Mole Fraction Mole Fraction
in Liquid in Vapor

Relative
T(°C) (@3 Cc7 Cé6 c7 Volatility

98.40 | 0.0000 | 1.0000 | 0.0000 | 1.0000

97.72 | 0.0250 | 0.9750 | 0.0430 | 0.9570 1.752

97.17 | 0.0480 | 0.9520 | 0.0810 | 0.9190 1.748

96.51 | 0.0770 | 0.9230 | 0.1270 | 0.8730 1.744

95.51 | 0.1180 | 0.8820 | 0.1880 | 0.8120 1.731

93.91 | 0.1890 | 0.8110 | 0.2870 | 0.7130 1.727

93.41 | 0.2130 | 0.7870 | 0.3180 | 0.6820 1.723

92.47 | 0.2580 | 0.7420 | 0.3730 | 0.6270 1.711

91.26 | 0.3200 | 0.6800 | 0.4460 | 0.5540 1.711

90.45 | 0.3650 | 0.6350 | 0.4960 | 0.5040 1.712

89.79 | 0.4010 | 0.5990 | 0.5320 | 0.4680 1.698

88.10 | 0.4980 | 0.5020 | 0.6270 | 0.3730 1.694

86.75 | 0.5770 | 0.4230 | 0.6970 | 0.3030 1.686

85.17 | 0.6750 | 0.3250 | 0.7770 | 0.2230 1.678

84.06 | 0.7500 | 0.2500 | 0.8330 | 0.1670 1.663

83.49 | 0.7930 | 0.2070 | 0.8630 | 0.1370 1.644

82.81 | 0.8450 | 0.1550 | 0.9000 | 0.1000 1.651

81.97 | 0.9060 | 0.0940 | 0.9400 | 0.0600 1.625

80.70 | 1.0000 | 0.0000 | 1.0000 | 0.0000
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Table 3.2 Mole Percent Cyclohexane in Liquid
and Vapor at Total Reflux

Mol% C6 | Mol% C6 | Total Separation
Stage No. | in Liquid | in Vapor Power
4 36.12 49.30 8.75
3 24.74 36.12 5.09
2 16.04 24.74 2.96
1 10.00 16.04 1.72

of pure component vapor pressures would be about (1.036)!77
= 1.87.

3.2 Separation Power with Multiple Stages

When a distillation column is run at total reflux for a long
enough period of time to reach steady state, all of the vapor
leaving a stage and going up the column will be coming back
down the column as liquid from the stage above at the same
concentration. For example, when the relative volatility is con-
stant at 1.72, the separation power of four theoretical stages at
total reflux is (1.72)* = 8.75 (Table 3.2).

The separation power in a distillation column can be
defined by the ratio of light key to heavy key component in
the distillate divided by the ratio of these components in the
bottoms (Equation 3.2):

Separation power = (x,/x,)p/(x,/X,) (3.2)
where:
subscript D = distillate

subscript B = bottoms

For example, a distillation column running at total reflux
that achieves the equivalent of four theoretical stages of
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performance with cyclohexane and 7n-heptane would have 49.3
mol% cyclohexane in the distillate and 10.0 mol% cyclohexane
in the bottoms, that is, the separation power = (49.3/50.7)/
(10/90) = 8.75.

The Fenske? equation gives the minimum number of theo-
retical stages required to achieve a desired separation power at
total reflux for a constant relative volatility (Equation 3.3):

N =1n [(xl/xz)n/(xl/xz)B]/Ln o (3.3

where:
N = Number of theoretical stages at total reflux

For example, Ln[(49.3/50.7)/(10/90)]/Ln 1.72 = 4.0 for the
cyclohexane/n-heptane distillation at total reflux shown in
Table 3.2.

In the control of distillation columns, the distillate compo-
sition is often close to 100% light component 1, and the bot-
toms is close to 100% heavy component 2, so the key impurity
separation power can be calculated for control purposes from
Equation 3.4.

Key Impurity Separation Power =

10,000 (3.4
(wt% heavy key in Distillate X wt% light key in Bottoms)

In other words, the key impurity separation power is indi-
cated by the reduction of heavy key impurity from the distil-
late and the reduction of light key impurity from the bottoms.
The maximum separation power that a distillation tower

can achieve would be at total reflux, that is, total boilup and
reflux with zero feed rate. One rule of thumb for an eco-
nomical design of a distillation column is to use 2.0 times the
minimum number of theoretical stages. This generally coin-
cides with a design for about 1.3 to 1.5 times the minimum
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reflux ratio. A design of 4.0 times the minimum number of
theoretical stages may use only 1.01 to 1.10 times the mini-
mum reflux ratio.

3.3 Separation Power and Energy Consumption

For the design of a distillation column, there is an economic
trade-off between the use of an extremely tall distillation
column that runs with minimum energy consumption and a
shorter column that requires higher energy consumption. The
energy consumption is for heat to the reboiler and cooling for
the condenser.

The separation of a feed mixture containing 50 wt% cyclo-
hexane and 50 wt% 7n-heptane into a distillate of 99.9% cyclo-
hexane and a bottoms of 0.1% cyclohexane requires a key
impurity separation power of 1 million by Equation 3.4. With
an infinite number of theoretical stages, a minimum reflux
ratio of 2.40 is required to meet these product specifications.
That is the lowest energy consumption possible for the desired
separation by distillation.

The highest energy consumption is at total reflux, that is,
when all of the boilup is returned as reflux, and there is no
feed to the column and no distillate or bottoms. A computer
simulation for this separation at total reflux required a mini-
mum number of 27.8 theoretical stages. This was accomplished
by setting the reflux/distillate ratio to 10 million in a computer
simulation. This is the shortest column that can achieve the
desired separation.

The desired separation can be achieved with 50 theoreti-
cal stages using a reflux ratio of 3.22, which is 1.34 times the
minimum reflux ratio. This would meet upper specification
limits (USLs) of 1,000 ppm n-heptane in the distillate and
1,000 ppm cyclohexane in the bottoms. However, the average
key impurity concentrations in the products need to run with
average impurity concentrations that are some distance below
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their product specification limits. This safety factor is needed,
so the control system can shed disturbances without having
the streams going above the specification limits of impurities.
The distance between the average key impurity concentra-
tion and the upper spec limit is the subject of product quality
performance in Chapter 7. If the standard deviation (6) is 10%
of the upper specification limit, then the standard deviation for
an upper specification limit of 1,000 ppm impurity is 100 ppm.
A distillation column would need to produce an average key
impurity concentration of 700 ppm impurity to keep the aver-
age DNS (distance from the nearest specification limit) at 3c.
The results of a steady-state simulation for a distillation col-
umn to separate a mixture of 50 wt% cyclohexane/n-heptane
(Cy/Cy) into 9993% C; in the distillate and 0.07% C; in the bot-
toms are shown in a McCabe-Thiele diagram (Figure 3.1). The
simulation used 50 theoretical stages with a reflux ratio of 3.41
at atmospheric pressure with a feed temperature of 15°C.
Reducing the key impurity concentrations to 0.707 times
the specification limit on each end of the distillation column

Cyclohexane / n-Heptane
1.00

0.80 %

=
// ‘
” o
-

0.00 0.20 0.40 0.60 0.80 1.00
Mole Fraction Light Component in Liquid

0.40

0.20 4

Mole Fraction Light Component in Vapor

Figure 3.1 McCabe-Thiele diagram.
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Table 3.3 Energy Consumption to Double the Key
Impurity Separation Power for C;/C, Distillation with 50
Theoretical Stages

Minimum Design
Separation | Separation
Power Power
Xo= 0.9990 0.9993 Weight fraction C6 in distillate
Xg = 0.0010 0.0007 Weight fraction C6 in bottoms
RID = 3.22 3.41 kg reflux/kg distillate
RIF = 1.61 1.71 kg reflux/kg feed
Q/F=| 400 415 btu reboiler duty/kg feed

doubles the key impurity separation power, that is, from 1 mil-
lion to 2 million in this case. This required the reboiler duty to
be increased 4% and the reflux flow rate to be increased 6%
per pound of feed (Table 3.3).

The separation power base for distillation control can
be set either by the ratio of reflux/feed or by the ratio of
boilup/feed. If the separation power base is set by the ratio
of boilup/feed, then either the reflux or the distillate flow
rate can be manipulated to control the distillate/feed mate-
rial balance split. If the separation power base is set by the
ratio of reflux/feed, then the steam, that is, boilup, flow rate
can be manipulated to control the distillate/feed material
balance split.

3.4 Summary

This chapter has derived the separation power for a distillation
column from its origin in vapor-liquid equilibrium to the key
impurity separation power for a distillation column with a strip-
ping and a rectification section. The stripping section primarily
removes light key impurity from the bottoms liquid stream, and
the rectification section primarily removes heavy key impurity
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from the overhead vapor stream. The separation power for a
distillation column is associated with the energy consumption,
that is, steam and cooling water per pound of feed.

Exercises

31

3.2

3.3

What is the key impurity separation power for a ben-
zene and toluene binary distillation with 1% benzene in
the bottoms and 98% benzene in the distillate?

What is the minimum number of theoretical stages
required for a C; splitter to separate propylene from
propane if the geometric mean relative volatility
between the top and bottom is 1.12, and the desired
separation is 99.5% propylene in the distillate and 1%
propylene in the bottoms?

If a desired ethanol-water separation by distillation
requires a minimum of 17 theoretical stages at total
reflux, how many theoretical stages would be recom-
mended for a first-pass design of a plant column using
a computer simulation?
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Chapter 4

Distillate/Feed Material
Balance Split

The split of the feed stream into a distillate stream and a bot-
toms stream can be referred to as the material balance split.
Generally, the ratio of distillate/feed is about equal to the
weight fraction of light components in the feed.

Learning Objectives

When you have completed this chapter, you should be able to

1. Understand the importance of controlling the material
balance split in distillation

2. Conceptualize the control of the material balance split
with a temperature controller

3. Look for the MRT (most responsive temperature) point in
the column with five different methods

4. Calculate the distillate/feed ratio from feed, distillate, and
bottoms concentrations
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4.1 Material Balances

A total material balance for a distillation column in Chapter 2,
Figure 2.1, is shown in Equation 4.1. The individual compo-
nent material balance is shown in Equation 4.2.

F=D+B 4.1)
FX, = DX,, + BX;, 4.2)

where:
F = feed stream (kg/h)
D = distillate stream (kg/h)
B = bottoms stream (kg/h)
X; = mass fraction of component in feed stream
X, = mass fraction of component in distillate stream
X; = mass fraction of component in bottoms stream

By combining Equations 4.1 and 4.2, the material balance split
is shown to be directly related to the compositions:

Material balance split = D/F = (X; — Xp)/(Xp, — Xp)  “&.3)

The distillate/feed material balance split is determined by the
concentration of light component in the feed, distillate, and
bottoms. The weight fraction of feed flow that becomes distil-
late product is D/F, while the remaining fraction of the feed
becomes bottoms product 1-D/F. When the value of X} rep-
resents the weight fraction concentration of light components,
the ratio of D/F is nearly equal to X;. This occurs because the
weight fraction of “lights” in the bottoms, Xj, is near zero, and
the weight fraction of lights in the distillate, X,,, is near one.
When D/F is greater than X, there will be “heavies” going
over in the distillate. When D/F is less than X}, there will be
lights going down in the bottoms.
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For example, with 1,000 kg/h of feed, F, to an ethanol/
water distillation column with 100 kg/h of distillate, D, that
is rich in ethanol and 900 kg/h of bottoms, B, that is mostly
water, the ratio of distillate to feed, D/F, is 100/1,000 = 0.10.

If the feed stream concentration is 0.08 kg ethanol per kg of
feed, that is, X}, and the ethanol concentration in the bottoms,
X, is 1,000 ppm, that is, 0.001 kg ethanol per kg of bottoms,
and the distillate concentration, Xj,, is 095 kg ethanol per kg
of distillate, the ratio of distillate/feed, D/F, is equal to (0.08 —
0.00D/(0.95 — 0.00D = 0.0832 and D = 0.083 x 1,000 = 83 kg/h.
The bottoms flow rate is 1,000 — 83 = 917 kg/h.

In graphical calculations, Equation 4.3 is known as the
inverse lever—arm rule. A graph of the weight fraction of
component 1 versus component 2 gives a straight line that
connects the bottoms, feed, and distillate compositions. The
feed flow rate is proportional to the length of the entire line
called a lever (X}, — Xp). The distillate flow rate is propor-
tional to the length of the inverse lever arm (X — Xp), and the
bottoms flow rate is proportional to the length of the other
inverse lever arm (X, — X;). The D/F ratio will be somewhere
between 0.0 (no distillate and all bottoms) and 1.0 (all distil-
late and no bottoms).

One result of studying the material balance split can be to
understand that the compositions and flow rates of both the
distillate and bottoms streams interact with each other and can-
not be independently controlled. If the feed flow rate and one
of the product stream flow rates are fixed, then the flow rate of
the other product stream must be the difference between them,
or accumulation would occur. Compositions of the distillate and
bottoms streams are directly linked by the material balances.
Control of the distillate and bottoms quality can be achieved
by controlling the separation power base and material balance
split to achieve the desired compositions. The flow rates of the
distillate and bottoms streams change as necessary to maintain
the material balance and achieve the target compositions.
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The feed to the distillation column in Figure 2.1 is split into
a distillate stream and a bottoms stream. The fraction of feed
going into distillate, that is, D/F, strikes a balance between dis-
tillate purity and bottoms purity. For example, with 50% lights
in the feed, a D/F ratio of 0.52 will force heavy impurities into
the distillate. Similarly, a D/F of 0.48 will force light impurities
into the bottoms. A high D/F ratio will result in all of the tem-
peratures going up in a distillation column, but some tempera-
ture points will increase much more than others. For example,
the top and bottom temperatures may not change much when
the impurities are in the ppm range. However, the temperature
point may respond quite significantly where the vapor con-
centration in the column is about 50% lights and 50% heav-
ies. If the D/F ratio is shifted up, then the vapor composition
and temperature from the tray below will be shifted up into
the tray of interest. Similarly, if D/F is shifted down, the lig-
uid composition and temperature from the tray above will be
shifted down into the tray of interest.

4.2 Temperature Gradient per Theoretical Stage

A steady-state simulation for the distillation of 50 wt% cyclo-
hexane in n-heptane with 50 theoretical stages at atmospheric
pressure was run to study the temperature and vapor com-
position gradient above and below each theoretical stage
(Figure 4.1). The feed is on Stage 23 from the bottom. The
base case was run with 0.07% C7 (heavy) impurity in the
distillate and 0.07% C6 (light) impurity in the bottoms. The
difference between the temperature on the stage below and
the stage above can be calculated for each stage and divided
by 2. The temperature goes up almost linearly with the con-
centration of heavy key component in the vapor phase, so
the concentration of light component was used from the
stage above minus the stage below, that is, (y, ., — v, _ /2.
The composition gradients for the top and bottom stage were
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Figure 4.1 Vapor concentration response from concentration gradi-
ent per theoretical stage and from increased D/F.

calculated as the difference between the last two stages. This
shows that the largest temperature gradient per theoretical
stage is 7.6% of 17.7°C, that is, 1.3°C, at stage number 15 or 16
from the bottom.

For example, if at theoretical stage 15, temperature is 1.35°C
hotter than Stage 16, and Stage 17 is 1.25°C cooler than Tray
16, the average response would be a shift of 1.30°C from the
nearest tray.

4.3 Temperature Change from D/F Shift

The method reported by Tolliver and McCune'! for finding

the most responsive temperature point was also used for this
cyclohexane/n-heptane system. A second computer simula-
tion was run using the same reflux/feed ratio for the separa-
tion power base while shifting the D/F (distillate/feed) ratio
up. The heavy key impurity concentration in the distillate was
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increased from 700 ppm to 1,000 ppm C7, that is, from 99.93
wt% to 9990 wt% C6, while the light key impurity concentra-
tion in the bottoms went down from 700 ppm to 400 ppm
C6. The results were similar to the tray temperature gradient
method (Figure 4.1). The D/F shift gave a maximum tempera-
ture change of 12.4% of 17.7°C, or 2.2°C, at stage number 16
from the bottom as being the MRT (most responsive tempera-
ture), that is, the most responsive vapor composition point, in
the column when there was a change in D/F. This small 300
ppm shift in material balance at the top and bottom of the col-
umn nearly shifted the stage 14 composition up into stage 16.

A shift in D/F, that is, distillate/feed ratio, material balance
split has a greater effect on a small stream than on a large
stream. For example, if the feed contains 10% lights, then the
ratio of distillate/feed ratio would be about 0.10, so the con-
centration change and variability would be more significant in
the small distillate stream. However, if the feed contains 90%
lights, then the concentration change would be most signifi-
cant in the small bottoms stream. Consequently, a study with
two simulations should be run with a constant separation
power base and a change of composition in the smaller of the
two streams between the distillate and bottoms.

When the distillate heavy key impurity moved up from
0.0700% to 0.1000%, that is, a shift of 0.0300% C7, and the bot-
toms light key impurity moved down from 0.0700% to 0.0400%,
that is, 0.0300% C6, the stage number 16 shifted up 12.4% C7.
In this case, the stage 16 temperature moved 413 times more
than the top temperature due to change in composition. Any
significant temperature movement at the top or bottom of the
column would be mostly due to changes in pressure.

The tray temperature gradient method requires only one
steady-state simulation at design conditions, while the shift in
material balance method requires two simulations with differ-
ent product stream compositions. The maximum tray tempera-
ture gradient of 7.6% of 17.7°C or 1.35°C/tray occurs at stages
15 and 16 as shown in Figure 4.1. These observations show
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that the temperature movement at a point in a distillation col-
umn is a result from the compositions above and below that
point in the column when the pressure is steady.

In addition to the two methods described for finding the
MRT (most responsive temperature) point in a distillation col-
umn, there are three additional methods that can be used with-
out a computer simulation. First, if there are temperature points
in the column that are monitored, just look at the history record
to see which temperature point moves the most. Second, find
the temperature point in the column that is nearest to being
halfway between the top temperature and the bottom tempera-
ture. Third, look in the area of the column where the vapor
concentration would be about 50% light key component. For
example, if the feed contains 10% light key component, there is
a high probability that the MRT would be above the feed point.
Similarly, if the feed contains 80% light key, there is a high
probability that the MRT would be below the feed point.

Many of the disturbances to a distillation column come
from the feed stream changing in flow rate, temperature, or
composition. Other disturbances include changes in steam
header pressure, changes in cooling water temperature, and
changes in cooling water supply pressure. Also, changes in
ambient temperature such as day and night temperature cycles
and sudden rainstorms can cause disturbances. The MRT point
in the distillation tower generally responds first. Most of the
disturbances can be shed by process control action before
either of the end compositions go out of spec. For vacuum
towers, it is sometimes necessary to add pressure compensa-
tion to the MRT, so the control action is primarily for changes
in composition.

4.4 Summary

The multiple stages of counter-current contact with mass
transfer in a distillation column cause a temperature profile to
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develop across the column. The highest temperature is found
at the bottom of the column, while the lowest temperature is
found at the top of the column. The temperature profile corre-
sponds directly to the material balance split within the tower.
There exists a point within the tower where the temperature
will change the most as the material balance and the com-
position profile change. The temperature point that is most
responsive to changes in material balance split tends to be
near the point where the vapor composition is about 50% light
key component and 50% heavy key component. The most
responsive temperature point in the tower:

. Responds the most to a change in material balance split

. Can be anywhere in the tower

. Tends to be near the mid-temperature (50% in vapor)

. Can be identified by computer simulations

. Can be seen in the control room by watching which tem-
perature point moves the most

6. Can move within a range (operating window) while both

distillate and bottoms compositions stay within spec.
7. Tends to be closer in the tower to the end with the
smaller product stream

N B DN =

Exercises

41 With a column distilling a binary mixture of cyclo-
hexane and n-heptane near to total reflux with 10%
cyclohexane in the bottoms and 49% cyclohexane in
the distillate and 4.0 theoretical stages, which stage
would have the most responsive temperature due to
changes in D/F material balance split?

4.2 Calculate the D/F ratio if the feed concentration is 50%
cyclohexane and 50% 7-heptane, the distillate con-
tains 0.1% n-heptane, and the bottoms contains 0.1%
cyclohexane.
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4.3 Is the MRT (most responsive temperature) point in the
distillation column expected to be above or below the
feed point when the liquid feed composition is 70%
light key component?

4.4 Where is the MRT for a top-fed stripping column with
3% light key component in the feed?

Reference
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Chapter 5

Distillation Control
Strategies

The strategy of distillation control is open to many creative
approaches because there are five or six main variables to
manipulate and many possibilities for cascade, feed-forward
ratios, and model-based computer control as well as conven-
tional feedback control.

Learning Objectives
When you have completed this chapter, you should be able to

1. Understand the four basic distillation control strategies

2. Consider more than one way to control a distillation column

3. Conceptualize the simultaneous control of separation
power base with steam/feed ratio or reflux/feed ratio and
the material balance split with a temperature controller

4. Look at the reflux and distillate flow rates and select the
larger stream flow rate to manipulate for level control and
the smaller stream for temperature control if steam/feed
ratio is being used for the separation power base
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Table 5.1 Four Basic Control Strategies

Ratio That Establishes Manipulated Variable for
Separation Power Base D/F (Temperature) Control

Steam/feed Distillate
Steam/feed Reflux
Reflux/feed Steam
Reflux/feed Bottoms

Tolliver and McCune! described four alternative material balance
control schemes for distillation columns. Each scheme manipu-
lates a different variable to control a temperature point in the
column, that is, the D/F ratio, and this provides a structure for
categorizing distillation control strategies (Table 5.1). There can
be a number of variations of the four basic control schemes.

5.1 Column Pressure Control

One common strategy for controlling column pressure is to
manipulate a valve in a vent line from the reflux drum. If
necessary, another line and automatic valve can be added to
inject inerts, for example, nitrogen, before the vent valve. If
the distillate is taken as a vapor stream, then the condenser
may need to be run as a partial condenser with temperature-
controlled cooling liquid on the condenser.

5.2 Temperature Control with
Distillate Flow Rate

In the manipulated distillate scheme, a column temperature
controller manipulates a control valve in the distillate line. In
other words, the column temperature is the process variable
that is controlled to a setpoint, and the controller output is
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the signal to the control valve in the distillate line. The reflux
drum level controller manipulates a valve in the reflux line,
and the column base level controller manipulates a valve in
the bottoms line. The feed rates to the column and reboiler
steam are each on flow rate control. In one variation, there is
a controller for the pressure drop across the trays that manip-
ulates the valve in the reboiler steam line. The trays are used
as the vapor flow rate sensing device. However, it is preferred
to measure the steam flow rate to the reboiler and simply
monitor the tower pressure drop, especially for packed tow-
ers. With this scheme, the separation power base is derived
from the ratio of steam/feed. The distillate/feed material bal-
ance split is maintained by the MRT (most responsive tem-
perature) point controller.

In some cases, the temperature controller for this
manipulated distillate scheme has not been tuned well,
so a plant operator changes the controller to manual out-
put. Subsequently, the operators may leave the controller in
manual output and simply adjust the distillate valve position
manually to keep the MRT in a desired range or to keep the
analysis of grab samples of distillate and bottoms in certain
ranges. In other cases, the control system is actually designed
to run with a manual setpoint for a distillate flow rate control-
ler. The plant operators are required to grab samples once or
twice during an 8-hour shift and get them analyzed immedi-
ately. There may not be any temperature measurements avail-
able in the column for automatic control of the D/F material
balance split. This requires significant operator intervention
to shed disturbances that come at the tower, so one opera-
tor can only run a few towers at once. This type of manual
control is sometimes required if the entire column operates
with a low concentration range of impurity. In one case, the
feed contained only 200 ppb impurity that had to be removed
down to 5 ppb at one end of the column and concentrated to
10,000 ppb (10 ppm) concentration at the other end.
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The manipulated distillate scheme is easy to start up on
total reflux simply by closing the distillate flow valve. The
level controller for the reflux drum manipulates the reflux flow
rate to the column. This scheme of controlling temperature
by manipulating the distillate flow rate works well for systems
that run with high reflux ratios, especially when the reflux/
distillate is greater than 5. This is compatible with a general
rule of thumb that the larger stream should be used for level
control and the smaller stream for column temperature control.
This scheme also works well for towers operating at a boilup
rate near to flooding because the vapor traffic can run quite
steady. Environmental disturbances such as day and night
temperature changes, or a rain storm, are shed reasonably well
because the primary effect is on internal reflux in the column.

Another variation on the manipulated distillate scheme is
to add a cascade slave control loop for the distillate flow rate
as shown in Figure 2.1. The temperature control loop then
manipulates the setpoint for the slave distillate flow control
loop. Similarly, a slave flow control loop can be used for the
reflux flow rate and another for the bottoms flow rate. At one
point in time, the use of cascade control loops was called
advanced control; it was compared to SISO (single input single
output) control, because it required the addition of more hard-
ware PID controllers. Modern computer control systems simply
require the addition of software code to the program when
the flow sensors are present.

Another variation on the manipulated distillate scheme is to
use a setpoint for the steam/feed ratio to establish the separa-
tion power base. Generally, the feed flow rate signal should
be lagged with an 8 to 20 min capacitance lag (filter), so the
steam flow is proportional to a trailing average of the feed
rate. Sometimes, this falls into the category of model-based
predictive control because the McCabe-Thiele model, or a
computer simulation model shows that the separation power
base can be established by the steam/feed ratio as shown in
Table 3.3.
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A less common variation of the distillate scheme is used on
the occasion where the first column in a distillation train is for
removing light components, and the bottoms flow rate needs
to be very steady as the flow rate to a large diameter fraction-
ator as the second tower. In this case, the bottoms flow rate is
set manually for the controller that manipulates the bottoms
valve. The column-base level controller in the first-column
manipulates the feed rate to the first column.

5.3 Temperature Control with Reflux Flow Rate

In the reflux scheme, a column temperature controller manip-
ulates a control valve in the reflux line. The reflux drum

level controller manipulates a valve in the distillate line. The
column base level controller manipulates a valve in the bot-
toms line. The feed and reboiler steam are each on flow rate
control. In some cases, there is a controller for the pressure
drop across the trays that manipulates the valve in the reboiler
steam line. However, it is preferred to use a steam flow rate
controller and simply monitor the tower pressure drop. With
this scheme the separation power base is derived from the
ratio of steam/feed. The distillate/feed material balance split is
maintained by the MRT point controller.

The reflux scheme can be difficult to start up because ini-
tially there may not be enough light components accumulated
in the reflux drum, and the column temperature may be too
hot; so, the controller may want more reflux flow than is avail-
able. This can pump the reflux drum level down until the dis-
tillate flow stops and then proceed to pump the reflux drum
empty. However, this situation can be handled with computer
control by using a low-level constraint control that will con-
strain the reflux flow rate to maintain a low-level constraint
setpoint until the column temperature is low enough, so the
temperature controller calls for less reflux. This reflux scheme
is recommended when the reflux/distillate ratio is less than
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0.8. The distillation column can be run very close to flood-
ing because the boilup and vapor traffic can be run steady

at maximum rate. This manipulated reflux scheme can also
handle environmental disturbances well such as day and night
temperature variations and rain storms.

Another variation on the manipulated reflux scheme is
to add a cascade slave control loop for the reflux flow rate
as shown in Figure 2.1. The temperature control loop then
manipulates the setpoint for the slave reflux flow control loop.
Similarly, a slave flow control loop can be used for the distil-
late flow rate and another for the bottoms flow rate.

Another variation on the manipulated reflux scheme is to
use a setpoint for the steam/feed ratio to establish the separa-
tion power base. Generally, the feed flow rate signal should
be lagged with an 8 to 20 min capacitance lag (filter), so the
steam flow is proportional to a trailing average of the feed rate.
Sometimes, this falls into the category of model-based predic-
tive control because the McCabe-Thiele model or a computer
simulation model shows that the separation power base can be
established by the steam/feed ratio as shown in Table 3.3.

A less common variation on this control scheme is used on
the occasion where the first column in a distillation train is for
removing light components, and the bottoms flow rate needs
to be very steady as the flow rate to a large diameter fraction-
ator as the second column. In this case the bottoms flow rate
from the first column is the manually adjusted setpoint for the
controller that manipulates the bottoms valve. The column-
base level controller for the first column manipulates the feed
rate to the first column.

5.4 Temperature Control with
Boilup (Steam Flow Rate)

In the boilup scheme, a column temperature controller manip-
ulates a control valve in the steam line to the reboiler. The
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reflux is on flow rate control. The reflux drum level control-
ler manipulates a valve in the distillate line. The column-base
level controller manipulates a valve in the bottoms line. With
this scheme, the separation power base is derived from the
ratio of reflux/feed. The distillate/feed material balance split is
maintained by the MRT point controller.

The origins of the boilup scheme may go back to the days
when the feed flow rate and reflux flow rate to a distillation
column were controlled by manual valves and glass rotame-
ters in the control room. A pneumatic temperature control-
ler manipulated an automatic valve in the steam line to the
reboiler. This may be difficult to imagine by those who have
only experienced modern-day equipment.

The manipulated boilup scheme is still used in many cases
and especially for top-fed stripping columns that have no
reflux stream and no rectification section above the feed. A
column temperature controller manipulates the steam flow rate
to the reboiler. The MRT point for a stripper is often the over-
head vapor temperature leaving the column. If the overhead
vapor temperature is close to the bottoms temperature, then
an overhead vapor flow rate controller can be used to manipu-
late the steam flow rate.

The manipulated boilup scheme is quite easy to start up
after some liquid is accumulated in the reflux drum. However,
this scheme does not shed environmental disturbances very
well. When a sudden rain storm hits the distillation tower, the
temperature disturbance is shed by the temperature control-
ler increasing the steam flow rate to the reboiler. This can be
a problem if the distillation tower needs to be running at its
maximum capacity near to flooding.

Another variation on the manipulated boilup scheme is to
use a setpoint for the reflux/feed ratio to establish the separa-
tion power base. Generally, the feed flow rate signal should
be lagged with an 8 to 20 min capacitance lag (filter), so the
reflux flow is proportional to a trailing average of the feed
rate. Sometimes, this falls into the category of model-based
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predictive control because the McCabe-Thiele model or a
computer simulation model shows that the separation power
base can be established by the reflux/feed ratio; see, for
example, Chapter 3, Table 3.3.

5.5 Temperature Control with
Bottoms Flow Rate

In the bottoms scheme, a column temperature controller
manipulates a control valve in the bottoms line. The reflux
drum level controller manipulates a valve in the distillate line.
The feed and reflux are on flow rate control. The column
base level controller manipulates the valve in the steam line to
the reboiler. With this scheme, the separation power base is
derived from the ratio of reflux/feed. The distillate/feed mate-
rial balance split is maintained by the MRT point controller.

The manipulated bottoms flow rate scheme is not used
very frequently because of problems with the column base
level control using steam. When a thermosiphon reboiler is
used and the steam flow is increased, there is usually a rever-
sal in the column base level response. The column level first
rises and then falls. The usual case for using this scheme is
when the feed concentration is 95% light key or more. In other
words, most of the feed is distilled overhead from a few per-
cent heavies or tars. The MRT point is usually in the reboiler.
A variation on the scheme is to put the steam on flow rate
control and let the column base level controller manipulate
the feed rate to the column, similar to the way a maple syrup
evaporator is run.

A variation on the bottoms scheme is to add a cascade
slave control loop for the bottoms flow as shown in Figure 2.1.
The temperature control loop then manipulates the setpoint
for the slave bottoms flow control loop. Similarly, a slave
flow control loop can be used for the distillate flow rate and
another for the steam flow rate.
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5.6 Side Draw Flow Rate

There are a number of cases where a side draw from a distil-
lation column is used. If a liquid side draw flow rate is a small
stream primarily for purging a concentration bubble of an
impurity, the control scheme may be simply a matter of setting
a small fixed purge rate. However, if a pasteurizing section

is used at the top of a column, the distillate stream may be a
very small lights purge stream with the liquid returning to the
column being close to total reflux. The small distillate purge
can be set at a fixed flow rate. The liquid side draw may be
the main product, so the side draw flow rate may be manipu-
lated by a temperature controller much like the manipulated
distillate scheme described earlier.

When a side draw is used on a distillation column, there is
another degree of freedom introduced into the control scheme.
There are actually two material balance splits to keep in bal-
ance. One is the ratio of distillate/side draw, and the other is
the ratio of side draw/bottoms. The separation power base can
be set by the ratio of steam/feed, and then the distillate flow
rate can be manipulated by a temperature controller for the
MRT point above the side draw. The side draw flow rate can
be manipulated by the second temperature controller for the
MRT point below the side draw.

The side draw can be very pure when a DWC (Dividing
Wall Column) is used (Figure 5.1). In that case, there is
another design variable, which is the ratio of liquid to the feed
side of the wall divided by the liquid to the product side of
the wall.

A vapor side draw from a distillation column is not used
very frequently, but, when it is, a large valve in the vapor
side draw line can be used to control the side draw flow
rate. However, the control is very sensitive when such a large
valve is used. An alternative can be to use a fixed large valve
position and a manipulated small valve position in parallel
for control.
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Figure 5.1 Dividing wall column.
5.7 Distillate Vapor Flow Rate

There are cases where a vapor stream from the top of a dis-
tillation column is needed as the distillate. In that case, the
distillate vapor flow rate can be manipulated to control the
column pressure and the condenser can be controlled as a
partial condenser to produce the reflux. The heat duty for

a condenser is a function of the heat transfer surface area
and the temperature difference between the cooling medium
and the condensing vapors. One approach is to recirculate
the cooling fluid and control the temperature of the coolant
for a variable temperature difference between the condens-
ing vapors and the coolant. Another approach can be to use
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a condenser with the bottom of the tubes flooded, and the
liquid condensate rate can be manipulated to allow a variable
condenser area to be exposed to the vapors. When the partial
condenser is cooled by an evaporating refrigerant, the liquid
refrigerant level can be manipulated for control of the con-
denser heat duty.

5.8 Summary

In this chapter, four basic distillation control schemes were
introduced along with a number of variations on each
scheme. The concept was introduced that there can be more
than one way to successfully control a distillation column. In
some schemes, the separation power base is controlled by the
ratio of steam/feed and then the distillate flow rate or reflux
flow rate can be manipulated to control an MRT point in the
distillation column. In other schemes, the separation power
base is controlled by the ratio of reflux/feed, and the steam
to the reboiler or the bottoms flow rate can be manipulated
to control an MRT point in the column. Control of reflux
drum level and column base level was presented as basic to
all control schemes. Control of column pressure was consid-
ered to have an overriding effect on the stability of distillation
column control.

Exercises

5.1 What control strategy would be recommended for a
top-fed stripping column?

5.2 What control strategy would be recommended for a
batch rectification column that starts up at total reflux?

5.3 What control strategy would be recommended for a
reflux ratio of 0.1?
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Chapter 6

Constraints

For the operation and control of a distillation column, there
are a number of constraints that must not be violated. Some of
the constraints are mechanical and hydraulic limits, and others
are mass transfer separation capability limits.

Learning Objectives

When you have completed this chapter, you should be able to

1. Understand the maximum constraints for pressure drop
and flooding, boilup, reflux, feed, and distillate flow rates

2. Understand the mass transfer rate limitations in the strip-
ping section and the rectification section of a distillation
column

6.1 Mechanical and Hydraulic Constraints
The most familiar mechanical constraint in the distillation sys-

tem is the pressure drop and hydraulics associated with flood-
ing. The main process variable that affects flooding is the vapor

45
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traffic in the column. This is driven by the boilup rate from the
reboiler and creates a pressure drop across the trays or packing
in the column. Above a certain pressure drop, liquid is held

up in the packing or in the downcomers or trays. This condi-
tion is also associated with a maximum liquid flow that can be
allowed for a column. Also, above certain velocities, the vapor
can entrain liquid droplets and reduce tray efficiency or pack-
ing efficiency because of backmixing. This can limit or con-
strain the maximum separation power that is achievable.

All of the process flow rate variables are constrained
because of the trim size in the control valves and may also
be constrained because of the range of the flow rate sensors.
Also, the liquid level in the reflux drum and the column base
must be constrained to run between 0% and 100% of the
level signals.

Another unique constraint can occur when the system to be
separated has a high relative volatility, for example, 10 to 50,
and the column is designed with, say, four times the minimum
number of theoretical stages required at total reflux. The distil-
lation column may be designed this way because one of the
components is highly toxic and the project design team wants
plenty of safety margin for removing the toxic component. Or,
the condenser may need to run extremely cold or with vapor
compression, so the project team wants to be certain that an
absolute minimum of condenser duty is used. In these cases,
the column may be able to run in the range of 1.01 times the
minimum reflux ratio. However, the problem is that many
of the extra stages in the column operate at a pinch condi-
tion around the feed tray. In other words, there is a series of
trays that run at the same concentration and temperature. The
inventory of material on these trays in the column can isolate
one end of the column from the other end for a long period
of time regarding process control of the D/F material balance
split. In this rare case, the solution could be to install and run
two temperature control loops. The boilup is manipulated by a
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controller for a temperature point in the stripping section, and
the distillate or reflux is manipulated by another controller for
a temperature point in the rectification section.

6.2 Heat Transfer Constraints

The amount of boilup vapor produced from the reboiler is
constrained by the heat transfer surface in the reboiler and

the fouling in combination with the temperature of the heat-
ing medium compared to the boiling temperature. The amount
of condensation is constrained by the amount of heat transfer
surface in the condenser and fouling in combination with the
temperature of the cooling medium compared to the bubble
point of the overhead vapor stream at the column pressure.

6.3 Stripping Mass Transfer Constraint

There is also another constraint, or at least a point of dimin-
ishing return, based on the limitation of the rate of mass
transfer that can take place in a distillation column as shown
by Fair! and Kohl.? The stripping of volatile components in the
stripping section below the feed point in a column is driven
by the stripping factor of 1.0 or greater for the light key impu-
rity, Equation 6.1. A stripping factor below 1.0 will be equilib-
rium pinched in the stripping section. A stripping factor above
about 2.0 will be mass transfer limited for stripping solute
from the liquid phase.

S=W/lx 6.D
where:

S = stripping factor, or lambda (V)
V = vapor flow rate
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L = liquid flow rate
x = concentration of solute in liquid phase
) = concentration of solute in vapor phase at equilibrium

When dilute solute concentrations are stripped with a pure
vapor, the number of theoretical stages can be calculated by
Equation 6.2.

NTS = LalGx/x)(1 — 1/ + 1/5/Ln S 6.2)

where:
NTS = number of theoretical stages
xp = concentration of light key solute in liquid leaving
feed stage
xp = concentration of light key solute in bottoms liquid

This model suggests that an infinite stripping factor can
achieve any desired separation, that is, x/x;, with zero
theoretical stages. Clearly, that is not a good model of mass
transfer at high stripping factors. The mass transfer in a
stripping section becomes mass transfer rate limited in the
liquid phase. In other words, even with an infinite strip-
ping factor with a pure stripping gas, there will still be a
required amount of contact time for desorption of the light
impurity solute out of the liquid phase from x; down to x.
The liquid phase mass transfer unit based on overall driv-
ing force in liquid phase concentrations, Ny,, gives a more
realistic model of mass transfer at high stripping factors
(Equation 6.3):

Ny = {LnlCey/xp)A = 1/9) + 1/SI/{1 — 1/} 6.3)
where:

Ny, = number of mass transfer units based on overall
driving force in liquid phase concentrations
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When the stripping factor is infinite, the number of mass
transfer units can be calculated by Equation 6.4:

Ny = Ln(xep/xg) (6.4)

When the stripping factor is equal to 1.0, the values of NTS
and N, are identical (Equation 6.5).
For § = 1.0:

Ny = NTS = /e — 1 ©6.5)

In other words, reducing a light solute in the liquid from 1,000
ppm to 1 ppm requires 999 theoretical stages or mass trans-
fer units when the stripping factor is 1.0. Table 6.1 shows a
comparison of the number of theoretical stages and the num-
ber of liquid transfer units required for reducing the solute

Table 6.1 Number of Theoretical
Stages and Liquid Mass Transfer
Units for Stripping 1000 ppm Light
Impurity down to 1 ppm

S NTS No,
1.0 999.00 999.00
1.1 47.42 49.72
12 28.09 30.73
13 20.75 23.59
15 1433 17.43
2.0 8.97 12.43
5.0 415 8.36
10.0 2.95 7.56
20.0 2.29 7.22
100.0 1.50 6.97
o0 0.00 6.91
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concentration by a factor of 1,000 with a pure stripping gas.
The number of theoretical stages and transfer units are nearly
the same for stripping factor values from 1.0 to 1.5. But the
mass transfer becomes severely rate limited at higher stripping
factors. If the stripping factor is 5 or higher in a distillation col-
umn because the relative volatility is high, then increasing the
boilup will not increase the separation power by any signifi-
cant amount in the stripping section.

When a computer simulation is used for a distillation col-
umn, the number of liquid transfer units can be calculated for
each theoretical stage in the stripping section with Equation
6.6 using the stripping factor for the light key impurity in each
stage, where NTS = 1:

N, = NTS (Ln )/ — 1/5) 6.6)

6.4 Rectification (Absorption)
Mass Transfer Constraint

A mass transfer constraint can also occur in the rectification
(absorption) section of a distillation column when the value

of § falls below about 0.5 for the heavy key impurity in the
vapor phase. When dilute, heavy, key solute concentrations are
absorbed with a pure liquid, the number of theoretical stages
can be calculated by Equation 6.7:

NTS = Lal(p/y,)A = $) + S/Ln (1/S) 6.7)

where:
NTS = number of theoretical stages
yr = concentration of heavy key solute in vapor leaving
feed tray
Yp = concentration of heavy key solute in distillate (over-
head vapor)
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This model suggests that a stripping factor of zero can achieve
any desired separation, that is, y/yp, with zero theoretical
stages. Clearly, that is not a good model of absorption (enrich-
ing) mass transfer at low stripping factors. The mass transfer
in a rectification (absorption) section becomes mass transfer
rate limited in the vapor phase. In other words, even with

a stripping factor of zero and a zero concentration of heavy
key solute in the liquid entering the absorption section, there
will still be a required amount of contact time for absorption
of the heavy key impurity solute out of the vapor phase from
yr down to . The gas phase mass transfer unit based on
overall driving force in gas phase concentrations, N, gives a
more realistic model of mass transfer at low stripping factors
(Equation 6.8):

Nog = {Ln[(yF/yD>(l -5 + S/l - 8} ©.8

where:
Ny = number of mass transfer units based on overall
driving force in gas phase concentrations

When the stripping factor is zero, the number of mass transfer
units can be calculated by Equation 6.9:

Nog = LnQyy/yp) 69
When the stripping factor is equal to 1.0, the values of NTS

and N are identical (Equation 6.10):
For § = 1.0:

Nog = NTS = yp/yp — 1 6.10)
In other words, reducing a heavy key solute in the vapor from

1,000 ppm to 1 ppm requires 999 theoretical stages or mass
transfer units when the stripping factor is 1.0. Table 6.2 shows
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Table 6.2 Number of Theoretical
Stages and Gas Mass Transfer
Units for Rectification
(Absorption) of 1,000 ppm Heavy
Impurity down to 1 ppm

S NTS Noc
1.00 999.00 999.00
0.91 47.42 49.72
0.83 28.09 30.73
0.77 20.75 23.59
0.67 1433 17.43
0.50 8.97 12.43
0.20 415 8.36
0.10 2.95 7.56
0.05 2.29 7.22
0.01 1.50 6.97
0.00 0.00 6.91

a comparison of the number of theoretical stages and the
number of gas transfer units required for reducing the heavy
key solute concentration by a factor of 1,000 with a pure
absorption liquid. The number of theoretical stages and trans-
fer units are nearly the same for stripping factor values from
1.0 to 0.5. But the mass transfer becomes severely rate limited
in the gas phase at lower stripping factors for the heavy key in
the rectification section. If the stripping factor is 0.2 or lower
in the rectification section because the relative volatility is
high, then increasing the reflux will not increase the separa-
tion power by any significant amount.

When a computer simulation is used for a distillation col-
umn, the number of gas transfer units can be calculated for
each theoretical stage in the rectification section with Equation
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6.11 using the stripping factor for the heavy key impurity in
each stage, where NTS = 1:

Ny = NTS (Ln /S - 1 61D

Distillation of the cyclohexane-#n-heptane system does not get
into constrained mass transfer rate limited conditions, because
the relative volatility is not high enough. The stripping factor
for cyclohexane does not go above 1.75 in the stripping sec-
tion, and the stripping factor of n-heptane does not go below
0.6 in the rectification section even at total reflux. In that case,
the use of theoretical stages for design is reasonable.

6.5 Summary

In this chapter, all of the process flow rates were consid-
ered to be constrained by zero flow and the maximum flow
allowable by the valve size and span of the flow measure-
ment. The main column constraint because of flooding is
associated with the vapor traffic and pressure drop across
the trays or packing in the distillation column. The mass
transfer rate limit for stripping light key impurity from the
bottoms stream was presented. The mass transfer rate limit
for absorbing heavy key impurity from the overhead vapor
stream was also presented.

Exercises

6.1 1If the reflux flow to a distillation column uses cascade
control, the span of the flow meter is 20,000 kg/h, and
the reflux valve will allow 25,000 kg/h of flow when it
is wide open, what is the reflux flow rate at the con-
straint limit?
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With process water fed to the top of a stripping column
at its boiling point and stripped with a ratio of 0.02 kg
steam/kg water to remove 1,000 ppb of perchloroeth-
ylene down to 2 ppb, how many theoretical stages will
be required if the relative volatility of perchloroethylene
to water is 39,0007

With process water fed to the top of a stripping column
at its boiling point and stripped with a ratio of 0.02 kg
steam/kg water to remove, 1,000 ppb of perchloroeth-
ylene down to 2 ppb, how many liquid mass transfer
units will be required if the relative volatility of per-
chloroethylene to water is 39,0007

A vent gas stream of air contains 200 ppm hydrochloric
acid and is to be fed to an absorber to be cleaned to
0.1 ppm acid. A high molar flow rate of water is used
with caustic that is 10 times the amount of acid present
so the equilibrium concentration of HCL in the vapor

is zero. How many gas mass transfer units will be
required?

A computer simulation for the distillation of ethanol
and water shows that the second theoretical stage from
the bottom would operate with a stripping factor of 3.0.
How many liquid phase mass transfer units are equiva-
lent to that theoretical stage?

The water vapor from an evaporator contains 0.5%
diethylene glycol, and this vapor is fed to an absorp-
tion column that runs with a reflux ratio of 0.1. How
many gas phase mass transfer units will be required
to reduce the concentration of glycol to 1 ppm in the
water if the equilibrium concentration of diethylene
glycol in liquid water is 350 times higher than the
vapor phase?
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Chapter 7

Optimizing Product
Quality Performance

The goal is to continually provide product quality that meets
customer needs and expectations at a price they are willing to
pay and a manufacturing cost/unit that generates maximum
economic return.

Learning Objectives

When you have completed this chapter, you should be able to

1. Understand the measurements that are critical to product
quality

2. Quantify the quality performance with statistical measure-
ments, and understand the frequency of failure

3. Optimize product quality performance to generate maxi-
mum economic return
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7.1 Quality Performance Measurement

One measure of the quality of distillate and bottoms from a
distillation column is the concentration of impurities present.
The rectification section of a distillation column above the
feed point is primarily for removing heavy impurities from
the distillate. So, the quality of the distillate stream can be
measured by the concentration of heavy key impurity. The
distillate quality specification can be an upper specification
limit (USL) of heavy key impurity in the stream. If there are
lighter components present, they will essentially all appear in
the distillate.

Similarly, the stripping section of the distillation column
below the feed point is primarily for removing light impuri-
ties from the bottoms stream. The quality of the bottoms
stream can be measured by the concentration of light key
impurity. The word impurity is simply used to indicate low
concentrations. The actual light key impurity component
left in the bottoms may be the product being sold and may
represent a yield loss. The bottoms quality specification can
be an upper specification limit (USL) for the light key impu-
rity in the stream. Essentially, all heavier components will
appear in the bottoms. A failure can be indicated by the
impurity concentration exceeding the upper specification
limit.

The concentration of key impurities in samples of distil-
late or bottoms can be studied with conventional statistical
calculations, for example, average concentration and stan-
dard deviation. There can be common cause variability from
everyday disturbances that occur to a distillation column and
assignable cause variability from known disturbances such
as startup, loss of steam, etc. The main emphasis of statisti-
cal measurement of product quality is on common cause
variability.
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7.2 Frequency of Failure

The quality performance of a stream from a distillation col-
umn can be evaluated by the average impurity concentration
in the stream and the distance from the nearest specification
limit (DNS) compared to the standard deviation (Equation 7.1).
The value of DNS is three times the process capability index,
Cp- The DNS value is easy to communicate in the number of
sigma units:

DNS = (USL - X,)/0 7.D

where:
DNS = distance from nearest specification limit
USL = upper specification limit
X, = average key impurity concentration
¢ = standard deviation (sigma)

When the concentration of impurity follows a normal dis-
tribution in samples, the frequency of failure rate can be
calculated (Table 7.1). These values are taken from a single
side of the normal Gaussian error distribution, which can
be found in statistics books such as the one by Montgomery
and Runger.!

When samples of distillate and bottoms are taken once
every 8-hour shift, there are 21 samples per week and 1,095
samples per year. If the samples follow a normal distribution
and the average impurity concentration is 26, that is, DNS =
two standard deviations, below the upper specification limit
(USD) there would be one shift sample out of spec about every
2 weeks. If the average were 36 below the upper specification
limit, there would be one shift sample out of spec about every
9 months from common cause variability. If the average were
40 below the upper specification limit, there would be one
shift sample out of spec about every 27 years.
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Table 7.1 DNS versus Frequency of
Failure Rate for a Normal Distribution

Fraction of Samples Failing to
DNS (o) Meet Specs

-0.5 7/10

0.0 172

0.5 13

1.0 1/6

1.5 115

2.0 1/44

2.5 1/161

3.0 1/741

3.5 1/4,290

4.0 1/31,400

4.5 1/290,000

Figure 7.1 shows a normal distribution of sample analyses
with 1,000 ppm USL for heavy key impurity in the distillate
and for light key impurity in the bottoms and 100 ppm stan-
dard deviation (6). The DNS (distance from the nearest specifi-
cation) is 30 in each case.

7.3 Optimize MRT between Distillate
and Bottoms Quality

Figure 7.2 shows the result of a high D/F and high MRT (most
responsive temperature) where the distillate quality perfor-
mance DNS is reduced to 26 and the bottoms quality per-
formance DNS is increased to 46. The frequency of failure
rate has increased in the distillate stream because the column
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Figure 7.1 Quality performance in distillation column.
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Figure 7.2 High tray temperature in distillation column.
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Std Dev’s = 100, USL’s = 1000, Bott DNS = 20, Dist DNS = 40
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Figure 7.3 Low tray temperature in distillation column.

temperature is high and more heavy key impurity is in the
distillate while the bottoms stream is being overpurified.

A similar but opposite response can also be visualized
when the D/F and MRT are low, which leaves more light
key impurity in the bottoms and overpurifies the distillate as
shown in Figure 7.3.

7.4 Avoid Excessive Use of Steam

One way of reducing the failure rate is to increase the energy
consumption; this will increase the DNS, that is, increase the
distance between the upper specification limits and the aver-
age key impurity concentrations as shown in Figure 7.4. This
is, of course, contingent on none of the variables or mass
transfer being at a constraint limit. However, the use of exces-
sive steam and cooling just to overpurify the products reduces
the economic return from a distillation column and reduces
the capacity because of the higher vapor traffic used per
pound of product.
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Std Dev’s = 100, USL’s = 1000, Bott DNS = 40, Dist DNS = 40
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Figure 7.4 High steam consumption in distillation column.

7.5 Reduce Variability

One of the best ways of improving product quality at both
ends of the distillation column is to reduce variability, as
shown in Figure 7.5; that will reduce the failure rate. Robinson?
described the benefits from improved dryer control, such as
reduced variability in product moisture content and reduced
energy consumption because the average concentration of
moisture in the product could be run closer to the upper
specification limit.

The maximum economic return from a distillation column
can be achieved by minimizing variability and optimizing
the quality performance between the distillate and bottoms
streams (Figure 7.6). The optimum DNS for a product being
sold is usually in the range of 3.0 to 3.56. The optimum DNS
for a stream that is being recycled back in the process is usu-
ally in the range of 1.5 to 2.00.

Reduction of variability can be accomplished by the selec-
tion of the best control strategy for the distillation column to
shed disturbances and by tuning process control loops for
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Figure 7.5 Reduction of variability in distillation column.
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Figure 7.6 Optimum economic return from distillation column.
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minimum variability and good response to load changes if
needed. If a distillation column is on manual control, then one
improvement may be to install a temperature controller for the
MRT (most responsive temperature) point in the column to
automatically shed many of the disturbances that come to the
column. In some cases, a matrix of the response of each vari-
able for the distillation column is measured empirically, and
then a dynamic matrix control is used to reduce variability.
Online analyzers can be used for direct composition con-

trol, but data from production plant distillation columns have
shown the MRT (most responsive temperature) point respond-
ing 60 to 90 min before the online analyzer responds at one
end of the column.

7.6 Optimize with Expert System Advisor

The distillate and bottoms streams from a distillation col-

umn can be sampled and analyzed once per shift, and then
an expert system can be used to recommend adjustments in
setpoints for the separation power base and the MRT using a
set of backward chaining logic rules. For the case of an upper
specification limit of 1,000 ppm heavy key impurity in the
distillate stream and a standard deviation of 100 ppm impurity,
the desired impurity concentration may be 700 ppm, that is, 3
standard deviations below the upper specification limit. The
expert decision rules can be set to make adjustments only if
the impurity concentrations are outside of the range from 0.6
to 0.8 times the upper specification limit (USL). For example,
the first priority is to check the key impurity separation power.
If the key heavy impurity concentration in the distillate is
above 0.8 times its upper specification limit and the key light
impurity in the bottoms is above 0.8 times its upper specifi-
cation limit, then increase the separation power base (Rule 1
in Table 7.2). An initial guideline is to increase the separation
power base, steam/feed, or reflux/feed by 1%.
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Table 7.2 Backward Chaining Expert Logic Rules

Impurity Concentration

Recommended Action

%Z.e Distillate Bottoms S/F or R/F Temp (D/F)
1 >0.8 Dist USL | >0.8 Bott USL | Incr 1% | None
2 | <0.8 Dist USL | >0.8 Bott USL | None Incr .3(MRT/stage)
3 <0.6 Dist USL | >0.6 Bott USL | None Incr .3(MRT/stage)
4 >0.8 Dist USL | <0.8 Bott USL | None Decr .3(MRT/stage)
5 >0.6 Dist USL | <0.6 Bott USL | None Decr .3(MRT/stage)
6 | <0.6 Dist USL | <0.6 Bott USL | Decr 1% | None
7 No change necessary

Next, balance the quality performance of the distillate

stream versus the bottoms stream (Rules 2 through 5 in
Table 7.2). If the D/F (distillate/feed) ratio is too low, then
raise the MRT (most responsive temperature) setpoint (Rule
2 or Rule 3). An initial guideline is to raise the MRT setpoint
by, say, 0.3 times the MRT change/stage shown in Chapter 4,
Figure 4.1. The temperature gradient of the MRT was 1.35°C/
stage for the C6/C7 system, so raise the temperature setpoint
0.3(1.35) = 0.4°C. If the D/F is too high, then reduce the MRT
setpoint by 0.4°C (Rule 4 or Rule 5).
Finally, check to see if the separation power is too high and
can be reduced to save energy and increase tower capacity. If
the key heavy impurity concentration in the distillate is less
than 0.6 times its upper specification limit and the key light
impurity in the bottoms is less than 0.6 times its upper speci-
fication limit, then reduce the separation power base (Rule 6

in Table 7.2). An initial guideline is to reduce the separation
power base, steam/feed, or reflux/feed by 1%.

The trigger points and the size of incremental adjustments
can be changed to meet the needs of each distillation column.

For the case of a distillate that forms an azeotrope with 30%
heavy key impurity, the column may be designed for an upper
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specification limit of 32% heavy key impurity, and the standard
deviation of impurity concentration may be 0.2%. Then, the
trigger points for Table 7.2 can be set at, say, 31.6% and 31.2%
heavy key impurity to be 2 standard deviations and 4 standard
deviations below the upper specification limit.

In some distillation columns, the temperature movement
from concentration changes is too small to be measured. For
example, an off-spec product with 5 ppm of light key impurity
is stripped down to 10 ppb in the bottoms and concentrated
to 50 ppm in the distillate. In that case, then, the distillate flow
rate can be set to be 10% of the feed rate to get the distillate
concentration to increase by 10 from 5 to 50 ppm. The recom-
mended action in Table 7.2 can be to increase or decrease the
distillate, or distillate/feed, by 1%.

An expert system will run a set of backward chaining rules
in the same order each time the system is run starting with
Rule No. 1. If Rule No. 1 is not true, then Rule No. 2 is run. If
Rule No. 2 is true, then Rule No. 2 is said to fire. When Rule
No. 2 fires, the expert system stops, and the action for Rule No.
2 is recommended. If none of the first six rules fire, then Rule
No. 7 fires, and the recommendation is “No Change Necessary.”

A situation can arise when operating a distillation col-
umn where Rule No. 1 in Table 7.2 can fire to recommend
an increase in steam/feed or reflux/feed, but that cannot be
accomplished because of a constraint on a manipulated vari-
able. The most simple case occurs when a steam valve or a
reflux valve is already 100% open and cannot be increased
any further. That is a constraint. In another case, the flowme-
ter for the steam rate or for the reflux rate is at 100% of span
and cannot indicate a higher value for a flow control loop.

In yet another case, the vapor traffic going up the column is
creating the maximum pressure drop that can be operated
successfully through a distillation tray or through a distillation
column packing. A higher flow rate of vapor would hold liquid
up in the column, and it would be flooded. The column must
be kept below flooding. This is another constraint.
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Table 7.3 Distillate Rules When Steam or
Reflux is Constrained

o Recommended Action
Rule | Impurity in

No. Distillate Temperature (D/F)

1 >0.8 Dist USL | Decr .3(MRT/stage)

2 <0.6 Dist USL | Incr .3(MRT/stage)

3 No change necessary

When the separation power is at a maximum constrained
value because of boilup or reflux, then Rule No. 1 in Table 7.2
is no longer valid, and a new set of rules is needed. When
either boilup or reflux is constrained, then one degree of free-
dom for control is lost, and only one of the product streams
can be kept within specification. A decision would need to
be made to keep the distillate within specification or bottoms
within specification, but it may not be possible to keep both
streams in spec. If the distillate stream is to be kept in spec,
then the three rules in Table 7.3 can be used. If the bottoms
stream is to be kept in spec, then the three rules in Table 7.4
can be used.

When the operating conditions were optimized for a
number of distillation columns, there was an average reduc-
tion in energy consumption of 18% valued in the range of
$30,000 to $50,000/year, which was also accompanied by

Table 7.4 Bottoms Rules When Steam or
Reflux is Constrained

L Recommended Action
Rule | Impurity in

No. Bottoms Temperature (D/F)

1 >0.8 Bott USL | Incr .3(MRT/stage)

2 <0.6 Bott USL | Decr .3(MRT/stage)

3 No change necessary
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an 18% increase in capacity. One process train involved the
distillation of large quantities of water, and the optimization
reduced energy consumption by $500,000/year. In another
situation, the optimization of distillation operating conditions
resulted in the recovery of additional product from the bot-
toms that was a waste stream going to an incinerator. The
value of the recovered product was $220,000/year with no
increase in raw material cost or capital. Also, the costs for
transporting and incinerating the waste were reduced.

The largest improvements occurred when the product
from a distillation column was sold out, and another pound
produced meant another pound sold. In one case, the distil-
lation column was being operated at the maximum boilup
rate recommended by the vendor of the distillation trays.
However, the use of small incremental changes by the
sequential optimization routine increased the boilup over a
period of several weeks and resulted in the discovery that
the trays could be operated at 136% of the maximum capac-
ity recommended by the vendor before flooding occurred.
This resulted in additional sales of $800,000 one year during
a peak in demand for the product with no added capital.

In another case, the product from a new world-scale plant
was sold out, and the bottleneck for the plant was the size
of the reboiler on a distillation column. The boilup rate for
the column was being manipulated by a temperature con-
troller. The capacity of the plant was increased by setting
the reboiler to run at its maximum capacity, that is, at the
constraint limit, all of the time, and the control strategy was
changed to use a temperature control loop to manipulate the
reflux flow rate. This resulted in an increase in production
that year of $32 million.

Parkinson?® reported the use of a system called D-POP
(Distillation Performance Optimization Program) for optimiz-
ing the quality performance from distillation columns via
the Internet.
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7.7 Summary

This chapter described the quality performance of the distil-
late stream in terms of the average concentration of heavy

key impurity and the number of standard deviations from the
upper specification limit. The quality performance of the bot-
toms stream is described in terms of the average concentration
of light key impurity and the number of standard deviations
from the upper specification limit. The maximum economic
return from a distillation column is achieved by reducing vari-
ability, striking a balance between the distillate and bottoms
quality, and reducing energy consumption.

Exercises

7.1 1If the average impurity concentration is equal to the
USL (upper specification limit), how many samples
would be out of spec every week assuming 21 samples
per week and a normal distribution of error?

7.2 1If the light key impurity USL (upper specification limit)
for ethanol in water is 0.3% and the standard deviation
is 0.025%, what should the target concentration be to
achieve a frequency of failure rate of 1 sample out of
7907

7.3 For a binary distillation of benzene and toluene with a
USL of 0.2% toluene in the distillate and 1% benzene in
the bottoms, how should the MRT setpoint be changed
if the distillate contained 0.1% toluene and the bottoms
contains 1.5% benzene?

74 For a binary distillation of benzene and toluene with
a USL of 0.2% toluene in the distillate and 1% benzene
in the bottoms, how could the column performance be
improved if the toluene in the distillate was 0.05% and
the benzene in the bottoms was 0.1%?
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75 If the upper specification limit for the heavy key impu-
rity in the distillate is 0.5% and the upper spec limit for
the light key impurity in the bottoms is 0.2%, which
rule would fire in Table 7.2 if the distillate sample
analyzed 0.35% heavy key impurity and the bottoms
sample analyzed 0.1% light key impurity?

7.6 1f Rule No. 4 fired in Table 7.2, should the temperature
setpoint be raised, lowered, or left unchanged?

7.7 How large of a temperature change in setpoint would
be recommended by Table 7.2 if the temperature gradi-
ent for the controlled temperature is 5°C per theoretical
stage?
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Chapter 8

PID Feedback
Control Loop

This chapter provides an introduction to a feedback process
control loop and a description of the action provided by
Proportional (P), Integral (D, and Derivative (D).

Learning Objectives

When you have completed this chapter, you should be able to

1. Understand the concept of the process variable, the con-
troller setpoint, and the error between them

2. Understand the controller action provided by the propor-
tional gain (P)

3. Understand the controller action provided by the integral
(D reset

4. Understand the controller action provided by the deriva-
tive (D) rate or preact
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Figure 8.1 Feedback control loop for heating process water with live
steam injection.

8.1 The Feedback Control Loop

Feedback controllers have been used for many years, starting
with speed control on windmills and then steam engines' and
now modern-day cruise control on automobiles. The concept
is to increase the flow of energy when the speed falls below
the desired value or reduce the flow of energy when the
speed is too high.

An example of a feedback control loop is shown in
Figure 8.1 for heating the process water with live steam injec-
tion. The temperature of the water leaving the process is
measured by a temperature sensor, and a transmitter sends
the signal to the controller. The desired temperature setpoint
is adjusted in the controller, and the difference between the
water temperature out of the process and the setpoint is called
the error. In this example, the process water temperature out
of the process is the controlled process variable, that is, con-
trolled to a setpoint. The manipulated variable is the steam
flow rate, which is manipulated by the automatic valve that is
connected to the controller output.

The controller output is determined by the three controller
actions P, I, and D in response to the error and how it changes
with time.
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8.2 Proportional Action

The proportional action of the controller is for instantaneous
controller output that is proportional to the error between
the process variable and the setpoint in the controller
(Equation 8.1):

CO =CO, +K. e @®.D

where:
CO = controller output
K = proportional gain
e, error = process variable — setpoint
subscript b = bias (initial) value
subscript ¢ = controller

If the water temperature out of the process is too hot, the
steam valve will be closed in direct proportion to the error.
Similarly, if the water temperature out of the process is too
cold, the steam valve will be opened in direct proportion

to the error. However, if there is a change to increase the
temperature setpoint or a change to increase the load (pro-
cess water flow rate), the proportional action by itself cannot
eliminate the error. The new steady-state steam valve posi-
tion would need to be further open to eliminate error. This

is a result of the fact that when the error is zero, the valve
would only be open far enough to heat the water to the lower
setpoint or the lower flow rate. As a result, the temperature
would drop by an amount called offset. The amount of offset
can be reduced by increasing the proportional gain in the
controller, K, but the increased gain can cause oscillation and
cycling in the process variable.

Some controllers use proportional gain, K, as the tuning
constant. Other controllers use the reciprocal or 100/K_ as the
proportional band in percent as the tuning constant. A 10%
proportional band will change the controller output from 0%
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to 100% as the error changes by 10% of the span of the pro-
cess variable.

The control loop in Figure 8.1 needs to decrease the control-
ler output (steam valve position) as the process variable (temper-
ature) increases, so this loop requires reverse action or negative
feedback. For the injection of chilled water to cool the process
water, the controller output (cooling water valve position) would
need to increase or open if the process variable increased. That
would require direct action or positive feedback.

8.3 Integral Action

The integral (reset) action in the controller is primarily for
eliminating the offset error at steady state (Equation 8.2):

CO = CO, + (K/T) | e dt 8.2
where:
T, = integral (reset) time constant
! = time

In the example shown in Figure 8.1, if the temperature
setpoint or process water flow rate (load) increased, then
any offset error would be eliminated by the integral action,
which would increase the controller output until the error
was zero. This automatic reset action essentially moves
the valve position or bias to the new position needed at
the higher setpoint or higher water flow rate to run at the
desired temperature setpoint for the process variable. The
integral time constant, 7;, is the amount of time to repeat the
change in controller output by the same amount the propor-
tional gain changes the controller output for a given error e.
Some controllers use 7 as the integral tuning constant in
minutes. Other controllers use the reciprocal 1/7; as the reset
tuning constant in repeats per minute.
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8.4 Derivative Action

The derivative (rate or preact) action in a controller is for
responding to the rate of change of the error (Equation 8.3).

CO = CO, + (K. T;) de/dt 8.3)

where:
1, = derivative time constant

The derivative time constant, 7, determines the amount of
change in controller output as the rate of change of the error
increases or decreases. When the controller output responds
directly to the error signal as shown in Equation 8.3, a spike
or noisy movement in the process variable can be translated
into an immediate movement in the controller output.

8.5 Parallel and Series Algorithms

The simplest algorithm for a PID controller is the sum of
Equations 8.1, 8.2, and 8.3 as shown in Equation 8.4. This is
common in computer-based control systems, and all three
control actions are considered to be operating in parallel.
However, many industrial analog controllers and micropro-
cessor DCS (distributed control system) controllers use a
capacitance lag (filter) of about 0.05 to 0.10 in series with

the process variable signal to reduce the effect of derivative
action from setpoint changes and from short time constant
noise described earlier.! When the derivative time constant,
1,, is set to zero, there is no difference between the controller
action of the parallel and the series algorithm with only P and
I action:

CO=K. e+ K/T) [ edt+ (K. T) de/dt 84
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8.6 Summary

This chapter presented a flow diagram of a PID feedback
control loop with the process streams and instrument lines
labeled. The proportional, integral, and derivative actions of
the controller were defined mathematically and described for
the example in the diagram.

Exercises

8.1

8.2

8.3

How much does the controller output change if a
proportional-only controller gain is 5 and the process
variable changes by 5% of its span?

With a proportional-only temperature controller in
Figure 8.1 using a controller gain of 12.5, the process
water flow increased and the steam valve position
increased by 7% at steady state. What is the offset in
outlet temperature in degrees in centigrade if the span
of the temperature transmitter is linear from 0°C to
200°C? Was the new steady-state temperature of the
process water out too low or too high?

For a PI controller with a proportional band of 25% and
a reset rate of 0.05 repeats per minute, what is the pro-
portional gain of the controller and how many minutes
will it take to change the controller output the same
amount as the gain for a fixed amount of error?

Reference
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Chapter 9

Closed-Loop Tuning
of Controllers

The tuning of process control loops can have a significant effect
on the variability and robustness of the control of a process sys-
tem. This chapter teaches methods of tuning controllers while
they are running in automatic output mode, that is, closed loop.
The pattern recognition methods are highly effective.

Learning Objectives
When you have completed this chapter, you should be able to

1. Know the difference between a self-regulating process
response and an integrating process response

2. Understand the procedures and methods for tuning
controllers for self-regulating and integrating process
responses while the controllers are running in automatic
output mode

3. Recognize the desired response pattern when a step
change in setpoint is introduced to the controller
for a self-regulating process variable with optimum
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proportional gain and insignificant integral (reset) action.
The height between the first peak and valley will be 16%
of the height of the step change in controller setpoint

4. Measure the response time for a self-regulating process
variable to reach the first peak after a step-up change in
setpoint when tuning a self-regulating process response

5. Recognize the response pattern of an integrating process
variable, such as distillation column bottom level or reflux
drum level, when a step change in setpoint is introduced
to the controller with a proportional gain of 1.25 and an
integral time constant of 30 min

6. Measure the response time for a liquid level process vari-
able to reach 95% of the step change in setpoint when
tuning a liquid level control loop for a reflux drum or
distillation column base

The process dynamics of most process variables can be char-
acterized as a self-regulating process response. One example

is the response of a liquid flow rate when a valve position is
opened. The liquid flow rate will increase from the initial flow
rate to a new steady-state flow rate. Another example is the
response of the temperature of a liquid flowing through a heat
exchanger that is heated with steam. When the steam valve
position is increased, the temperature of the liquid outlet will
increase to a new steady-state temperature.

The process dynamics of a few process variables can be
characterized as an integrating process response. One example
is the response of the liquid level in the bottom of a distilla-
tion column when liquid is being pumped out with a centrifu-
gal pump and the liquid flow rate is restricted by an automatic
valve after the pump. The column base liquid level may be
steady with an initial automatic valve position, and open-
ing the valve to a new position will increase the liquid flow
rate. The difference between the two flow rates will be inte-
grated over time as seen by the response in liquid level going
down. Eventually, the column base liquid level will go to zero
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without further intervention. In other words, the liquid level
response is integrating and is not self-regulating.

9.1 Trial-and-Error Tuning of Control Loops

Many process control loops are tuned by trial and error while
the controller is in automatic output mode. Everyone who has
ever tuned a process control loop has used trial and error at
one time or another. Some people have learned the art of tun-
ing process control loops by trial and error and have become
highly proficient by learning from their own experience or
from the experience of a mentor or a network of practitioners.
Trial-and-error tuning consists of changing one or more of
the PID (proportional, integral, and derivative) actions in the
controller by some amount and observing the response of the
control loop to see if it changes for the better or worse. The
proportional gain may be changed by 10% or 20% or may be
doubled or cut in half. The integral and derivative may also be
changed by the same amount or turned off.

One good point about trial and error is that the control-
ler is in automatic, and the controller settings can be returned
back to the initial values if they are recorded somewhere or if
they can be remembered. Another good point about trial-and-
error tuning is that the usual equipment existing in a control
room for recording a process variable response with time can
be used without any additional tools or computer programs.
One concern about trial-and-error tuning is that a beginner
may not recognize whether the change in process variable
response is better or worse than the response was with the
initial values. Another concern is that trial-and-error experi-
mentation may involve a long learning curve. Learning how to
tune a control loop may involve many setpoint changes and
process upsets. Also, trial-and-error tuning can sometimes lead
to mindless tweaking of the controller settings depending on
the individual and the plant circumstances.
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The two main types of disturbances introduced into a con-
troller for closed loop tuning are:

1. A step change in controller setpoint
2. A step change in load

A step change in load can be simulated by first placing a con-
troller in manual output; second, introducing a step change
in the controller output (valve position); and third, placing the
controller back in automatic.

9.2 Ultimate Gain Tuning of Control Loops

The Ziegler—Nichols!' closed-loop tuning method was pub-
lished in 1942 and has become a classic method of tun-
ing control loops. Many suppliers of controllers provide the
Ziegler—Nichols method of tuning in the user guide for their
controllers. The method consists of first turning off the integral
(reset) and derivative (rate) action in the controller and, sec-
ond, finding the ultimate proportional gain (UG) that will just
sustain continuous cycling of the process variable and measur-
ing the ultimate peak-to-peak time period (UTP). These two
values (UG and UTP) characterize the closed-loop response.

When only P and I (proportional and integral) actions are
used in a controller, the recommended P (proportional gain)
is a fraction of the ultimate gain, 0.45 UG. Some controllers
use proportional band, which is 100 divided by the propor-
tional gain.

The value of 7 (integral action) is set by 7 (integral time
constant) in minutes in some controllers, or the recipro-
cal, 1/T, as reset rate in repeats/minute, in other controllers.
Ziegler and Nichols recommended the value for integral time
constant to be set as a fraction of the ultimate peak-to-peak
time period, 7, = 0.83 UTP, in units such as minutes. The
controller action from the proportional gain times error will
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be repeated in the length of time set by the integral time
constant.

When all three PID actions are used, the recommended
proportional gain is increased to 0.60 UG, the integral time
constant is reduced to 0.50 UTP, and the derivative time con-
stant is set to 0.125 UTP. In other words, the addition of deriv-
ative action allows the use of a higher proportional gain and
a shorter integral (reset) time constant. Tuning a controller to
these constants will give an aggressive response by the con-
troller to shed disturbances to a control loop.

Robbins?3 recommended using a proportional gain of 0.3
UG for minimum variability in the process response. The rec-
ommended integral time constant is 1.0 times UTP for good
response to load change and 2.0 times UTP for minimum
IAE (integral of absolute error) in response to a step change
in setpoint.

One good feature of the Ziegler—Nichols closed-loop
method is that it can be learned more quickly than starting
with trial and error alone. There is a procedure to be followed,
and the pattern of sustained cycling is easy to recognize. The
Ziegler—Nichols method is often completely acceptable for
tuning control loops that respond quickly, for example, liquid
flow rate control loops that respond with an ultimate peak-to-
peak time period (UTP) of 5 to 15 s.

One concern with the ultimate gain method is that the
process must be run at a high proportional gain that will sus-
tain a steady-state cycle, that is, ringing, in the control loop.
Any higher proportional gain in the controller may cause
the control loop oscillations to grow to a higher amplitude
and become unstable. Another concern of this ultimate gain
method is that a long time may be required to wait for two or
three cycles to develop a pattern of oscillation to see if it is
damped, sustained, or growing. If the ultimate peak-to-peak
time period is 1.0 to 15 h, the time required may be 4.5 h or
more for one test. Also, some control loops may have no dead
time or may have an integrating response that may not sustain



84 m Distillation Control, Optimization, and Tuning

a cycle. These concerns provided the motivation for develop-
ing the pattern recognition methods for closed-loop tuning in
Section 9.5.

9.3 Troubleshooting an Oscillating Control Loop

Sometimes an existing process control loop is already running
with sustained cycling, and tuning of the control loop can be
approached as a troubleshooting activity. There can be a num-
ber of possible causes for the process variable oscillating up
and down, and the problem is not always due to poor tuning.
If the controller is put in manual output mode so that it does
not respond to feedback from the process variable and the
oscillations continue, the problem is most likely due to causes
other than the tuning of that one controller. One possibility is
interaction from another control loop that causes the process
variable to cycle. If a controller is put in manual mode and
the oscillations stop, the problem may possibly be solved with
controller tuning.

One of the first patterns to observe in a cycling control
loop is the timing of the peaks and valleys in the process vari-
able (controller input) and the manipulated variable (controller
output) and whether or not the cycles are in phase with each
other. Observe the point in time when the controller output is
at a peak or a valley. If the process variable is also at a peak
or a valley at the same time, the problem may be due to the
proportional gain being too high, that is, too narrow a propor-
tional band. However, if the process variable reaches a peak
or a valley at a different point in time than the controller out-
put, the problem may be due to the integral (reset) time con-
stant being too short relative to the peak-to-peak time period.
The integral time constant needs to be about the same as the
peak-to-peak time period. Reducing the integral (reset) time
constant in the controller to be shorter than the peak-to-peak
time period usually does not speed up the control response.
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The recommendation for tuning is to set the integral time
constant equal to the peak-to-peak time period and increase
the proportional gain by the same factor that the integral time
constant was increased. Increasing the proportional gain in
the controller will usually shorten the response time.

If a process variable, such as a flow rate, is oscillating with
a square wave pattern and the controller output looks like a
zigzag sawtooth shape, the cause may be due to a valve prob-
lem such as sticking or friction. Another problem may be that
the controller output signal is hitting a saturation point, for
example, 0% or 100% open. There can also be problems with
hysteresis if there is no positioner on the control valve. When
there is hysteresis, the valve position may be low if the control
air pressure signal is going up, but the valve position may be
high if the control signal is going down. In these cases, the
problem may be due to mechanical reasons and not control-
ler tuning. In general, when the process variable is oscillating
but the shape of the response is not sinusoidal, there may be a
mechanical problem.

9.4 Quarter Decay Ratio Tuning
of Control Loops

When controller constants are used from the Ziegler—Nichols
closed-loop tuning method, the response pattern of the pro-
cess variable tends to give a one-quarter amplitude decay
ratio, or quarter decay ratio (QDR). In other words, when a
step change in setpoint is introduced into the controller, the
first peak (overshoot) in the process variable response will be
four times the height of the second peak (overshoot). The first
peak may overshoot the setpoint by 50% of the step change in
setpoint, the first valley may undershoot the setpoint by 25%,
and the second peak may overshoot the setpoint by 12.5% of
the height of the step change in setpoint. The first overshoot
of 50% is 4 times higher than the second overshoot of 12.5%.



86 m Distillation Control, Optimization, and Tuning

The height between the first peak and valley, that is, 50% plus
25%, is 75% of the height of the step change in setpoint. This
response pattern can be recognized as being aggressive. There
is a lot of control action in response to a disturbance to the
control loop.

Generally, when the proportional gain in a controller is less
than the value recommended by the Ziegler—Nichols method,
the integral (reset) time constant can be reduced until a quar-
ter amplitude decay response is developed. However, a low
proportional gain and a short integral time constant can give a
process response that is very sluggish because of the low gain.
In that case, the integral time constant can be increased to be
equal to the peak-to-peak time period, and the proportional
gain can be increased by the same factor that the integral time
constant was increased.

9.5 Pattern Recognition Tuning of
Self-Regulating Control Loops

Robbins*? reported the development of a closed-loop tun-
ing methodology that does not require any of the loops to be
run with sustained cycling. The steps for the Robbins tuning
method for self-regulating control loops are as follows:

1. Record the existing settings in the controller.

2. Turn off the reset, or set the integral time constant at least
four times the response time.

3. Turn off the derivative action, that is, D = 0.

4. Introduce a step change in the controller setpoint, and
observe the height between the first peak and valley in
the process variable response. The optimum proportional
gain will give a height between the first peak and valley
that is 16% of the size of the step change.

5. Record the response time for the process variable to reach
the first peak after introducing a step up change in setpoint.
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6. Set the integral (reset) time constant in the controller to
be equal to the response time.

This will give an excellent response to load changes. Generally,
no derivative action is desired for distillation controllers,
because any noise in the signal for the controlled process vari-
able can be translated into controller output and valve move-
ment. Smooth controller output to a control valve is usually
desired for distillation. When derivative action is used, the
recommended setting is 0.10 to 0.15 times the response time.

The recommended method for tuning level control loops is
given in Section 9.8. It is different from the method for tuning
controllers with a self-regulating process variable response.

During start-up of a new distillation column, one question
can be asked about which controllers should be tuned first
and which ones should be tuned last. First, the liquid level
control loops for the reflux drum and the column base liquid
level can be set with the starting tuning constants recom-
mended in Section 9.8, that is, a proportional gain of 1.25 and
an integral time constant of 30 min. Next, the fast-respond-
ing liquid flow rate control loops should be tuned. When
a cascade (master-slave) temperature controller is used, the
slow-responding temperature control loop is the master that
manipulates the setpoint to a fast-responding flow rate slave
control loop. The master temperature controller can be placed
in manual output mode to introduce a step change in setpoint
to the flow rate slave controller. The slave control loop needs
to be tuned before the master control loop is tuned.

One of the guidelines for Step 4, when there is no peak in
the process variable after a step change up to a higher set-
point, is to double the proportional gain. Of course, if the step
change is down to a lower setpoint, the response time would
be the time to reach the first valley in the process variable
response. Once the height of the peak-to-valley response is
in the range of 5% to 50% of the size of the step change, then
the proportional gain can be changed by an increment of
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about 20% of the gain. Often, the response is not linear, and
a smaller proportional gain is required to get the 16% peak-to-
valley response in one step direction compared to the other,
that is, a step-up versus a step-down. In that case, use the
smaller proportional gain and the longer response time.

Another guideline is that an integral time constant of 4
times the response time will minimize the effect from the inte-
gral (reset) action, as indicated in Step 2. Yet another guide-
line is that an integral time constant significantly less than the
response time will generally destabilize the control loop and
give variability with a long peak-to-peak time period.

The development of the Robbins?? closed-loop tuning meth-
odology was the result of about 11 years of development with
collaboration and feedback of comments from others. A number
of different methods for tuning process control loops were tested
along the way, and this new closed-loop method using pattern
recognition was determined to be the most cost-effective.

Dynamic computer simulations of control loops were run
with thousands of combinations of process models and hun-
dreds of production plant process control loops were tuned
for real plant experience. Most of the plant controllers were on
distillation columns, but control of reactors, furnaces, dryers,
extruders, and other unit operations was also improved by
tuning with these techniques. Most of the computer simula-
tions used a dead time and two capacitance lags, and many
different combinations of those three process parameters were
studied. Initially, the control loop response was tuned for
minimum TAE (integral of absolute error), that is, minimum
deviation of the controlled process variable (controller input)
from the setpoint, after a step change in setpoint was made
in the controller. A pattern was recognized: the minimum IAE
occurred when the overshoot-to-undershoot ratio was about
seven to one. In other words, after a step change of 100%,
the first overshoot was one seventh of that, that is, 14% of
the step change, and the first undershoot was one seventh of
the overshoot, that is, 2% of the step change. This gave an
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amplitude decay ratio of about 1/49; that is, the first overshoot
was about 49 times higher than the second overshoot. It was
important to develop the optimum 7 to 1 pattern of response
without any significant influence from integral (reset) action
or derivative action in the controller. When there is no auto-
matic reset, that is, no integral action in the controller, the first
peak in the process variable response may not get up to the
new setpoint, and the control loop can be left with offset from
the setpoint. So, a method was developed that looked for the
height between the first peak and valley in the process vari-
able response to be 16% of the height of the step change. In
other words, for a step change in setpoint up 10°C, the height
between the first peak and valley is 1.6°C when the propor-
tional gain is at the optimum value. Similarly, when the step
change in setpoint is down 10°C, the valley will be first, and
the height between the first valley and peak is 1.6°C. The size
of step change in setpoint in an actual controller needs to be
small enough so the manipulated variable (controller output)
does not saturate at 100% or 0%, because that can interfere
with the development of the height between the peak and val-
ley and with the response time.

Figure 9.1 shows the pattern that can be recognized when
a control loop is tuned for minimum TAE (integral of absolute
error) after a setpoint change. The setpoint for the process
variable was increased by a step change from 50 to 60 at time
zero. The process variable crossed the new setpoint at 10 min
after the setpoint change and reached the first peak at 13.6
min. The time to reach the first peak is called the response
time in the descriptions that follow. The first peak height in
the process variable response was 61.6, and the first valley
height was 59.6; so the height between the first peak and val-
ley was 20% of the size of the step change. The decay ratio
was 400; that is, the first peak was 61.600, and the second
peak was 60.004. The controller output, that is, the manipu-
lated variable, stayed within the range of 0% and 100%. The
parameters used for the simulation were process gain (K) of
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Figure 9.1 Control loop response with optimum gain.

1.0, a dead time (DT) of 2 min, first capacitance lag (7)) of

20 min, and second capacitance lag (7;) of 2 min. The tun-
ing constants consisted of a controller gain, K, of 4.08 and an
integral time constant, 7, of 22 min.

9.6 Effect of Proportional Gain

When the proportional gain, K, was half of the optimum, the
controlled process variable did not show any overshoot, that
is, no peak or valley, in process variable response to a setpoint
change (Figure 9.2). The process variable took 20 min to move
95% of the step change. When the control objective is to tune
for no overshoot, use the same first four steps, as shown in
Section 9.5. Then, set the proportional gain in the range of 0.5
to 0.6 times the optimum gain, and set the integral time con-
stant to be 2 times the response time found in Step 5.

When the controller gain, K., was one fourth of the opti-
mum gain, the process variable response was sluggish and
reached 95% of the step change in 60 min (Figure 9.3). The
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Figure 9.4 Response with 2 times optimum gain.

controller output moved to the new valve position quickly
and remained there. This is almost identical to the open-loop
response when the controller is placed in manual output
mode, and a step change in controller output (valve position)
is introduced.

When the controller gain, K., was twice the optimum value,
the height between the first peak and valley was 94% of the
size of the setpoint change (Figure 9.4). The amplitude decay
ratio for this response is 2.9, that is, the first peak overshot
the setpoint by 5.8, and the second peak overshot by 2.0. The
controller output peaked at nearly 140% in this simulation. An
actual controller would have been constrained by a maximum
value of 100%, so the shape of the response would have been
affected. A smaller setpoint change should be used to avoid
the controller output reaching saturation at either 100% or 0%.

The control loop will sustain cycling, that is, ringing,
when the proportional gain in the controller, K, is about 3.3
times the optimum gain (Figure 9.5). This is close to the ulti-
mate gain and ultimate peak-to-peak time period used in
the Ziegler—Nichols closed-loop tuning method. The peak-to-
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Figure 9.5 Response with 3.3 times optimum gain.

peak time is nearly the same as the response time of 13 min
in Figure 9.1. The height between the first peak and valley is
about 200% of the size of the step change in setpoint. One
point of interest is that when cycling is due to a high propor-
tional gain, the controller output and process variable are in
phase; that is, the peaks and valleys occur at the same point
in time in the cycle. An actual controller would have a con-
strained controller output between 0% and 100%, so the shape
of the process variable response may not be sinusoidal as
shown in Figure 9.5.

9.7 Effect of Integral (Reset) Action

A control loop will also sustain continuous cycling when the
integral time constant is too short, that is, about 0.3 times the
response time to reach the first peak (Figure 9.6). However, it is
significant that the process variable and controller output cycles
are out of phase with each other. When the controller output
is at a peak or valley, the process variable is near its setpoint.



94 m Distillation Control, Optimization, and Tuning

Kc = 4.08, Ti = 3.6 minutes
75 200

THRATA A AT I
NN (L
YN Y
L

Process Variable

Controller Output

|
S

= Process Variable

N
REEVIVER Wi

V SV

— Controller Output
45 T

-100
-10 0 10 20 30 40 50 60 70
Time, minutes

Figure 9.6 Response with T; = 0.3 times response time.

Once again, sustained cycling occurs when the peak to valley
is 200% of the size of the step change in setpoint. However,
note that the peak-to-peak time period in the process variable
is 24 min, that is, about twice as long, when the cycling occurs
with too much reset. That is because the proportional gain,

K, is lower than it was in Figure 95. A control loop responds
faster with high gain and slower with low gain.

The optimum proportional gain, K, gave a height between
the first peak and valley that was 16% of the size of step
change in setpoint (Figure 9.1). The integral time constant, 7,
was about 2 times the response time of 13 min to reach the
first peak for minimum variability, that is, IAE, from a setpoint
change. However, this gives sluggish response to a change in
load (Figure 9.7).

One example of a load change is to suddenly reduce
the feed rate of water to the process shown in Chapter 8,
Figure 8.1. When the water feed rate is reduced, the tempera-
ture goes up and the controller output or steam valve position
has to be decreased by the integral action of the controller to
keep the outlet temperature at the setpoint of 54. The response
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Figure 9.7 Control loop response to load change.

to a load change is excellent when the integral time constant is
set equal to the response time, that is, 13 min, observed from
a setpoint change. Reducing the integral time constant to half
the response time, that is, 6.5 min, caused instability in the
control loop and high variability. The response time to reach
the first peak after a load change shown in Figure 9.7 was 11.6
min, which is nearly the same as the response time to reach
the first peak after a change in setpoint, that is, 13 min, as
shown in Figure 9.1. Reducing the integral time constant, that
is, increasing the automatic reset rate, did not have a signifi-
cant effect on the response time to reach the first peak.
Reducing the integral time constant from 2 times the
response time to 1 times the response time has a dramatic
effect on improving the response to load changes in Figure 9.7.
The cost of this change is that the variability from a setpoint
change is no longer at the minimum, as shown in Figure 9.8.
The height between the peak and valley in Figure 9.8 was
about 36% of the height of the step change when the integral
time constant was 13 min. This trade-off can be beneficial if
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Figure 9.8 Control loop response to setpoint change.

the control system is required to shed large load disturbances.
Starting up a distillation column by ramping up the feed rate is
another example of a load change. The steam flow rate to the
reboiler and the reflux and distillate flow rates would need to
change in response to the change in load.

The height between the first peak and valley can be
reduced by decreasing the proportional gain to the range of
05 to 0.6 times the optimum gain, as shown in Figure 9.2.

The first step in tuning a process control loop is to record
the existing settings, so they can be restored if desired. Next,
introduce a step change in setpoint to the controller, and
observe if there is a peak and valley in the response. If there
is no peak, the proportional gain can be doubled, and another
step change can be introduced into the controller, for example,
a step back down to the original setpoint. If the controller has
been tuned for quarter amplitude decay and the integral time
constant is shorter than the response time, then increase the
integral time constant to be equal to the response time. Then
increase the proportional gain by the same factor.
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The integral time constant can be adjusted to about 4 times
longer than the response time, and this will reduce any effect
from the integral (automatic reset) action. The response time
is the time that elapses between the introduction of a step
change in setpoint and the first peak in the response of the
process variable. With 7, = 52 min, the response time was 13.2
min for the process variable to reach a peak height of 60.3
and a valley height of 58.7 in Figure 9.8. Since the reset was so
slow, the first peak did not overshoot the setpoint very far, and
there was a significant offset between the process variable and
the setpoint for a long period of time.

Next, the integral time constant, 7;, can be set equal to
the response time for excellent response to a load change or
twice the response time for minimum variability from a set-
point change.

The value of 7; can be set to about 2 times the response
time of 13.0 min, that is, 26 min, for minimum variability to a
setpoint change. For many combinations of K, K, DT, 7;, and
T, for self-regulating control loops, a correlation was observed
for minimum TAE, as shown in Equation 9.1. In this case, the
optimum value of K, was found to be 4.08, and K, was 1.0,
so the calculated 7;, was 1.75 times the response time of 13.0
min, that is, 22.7 min.

7;=10.24 + (0.37 K. K,)| response time 9.D

where:
1. = integral time constant for controller (in
minutes) for minimum TAE for setpoint
changes

K. = controller proportional gain

C
K, = process gain
Response time = elapsed time between step change in

setpoint and first peak (in minutes)
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The self-regulating process gain, K, can be measured from the
setpoint change and controller output (valve position) change
(Equation 9.2).

(set point change, % of span)

(9.2)

" (controller output change, % at steady state)

For example, suppose the step change in the controller was
from 70°C to 76°C with a 200°C span, and the steady-state
valve position increased from 50% to 52% open. The process
gain, K, would be [(76 - 70)/200]/[(52 - 50)/100] = 15.

Tuning a control loop for minimum TAE after a step
change in setpoint led to the discovery of the 7/1 overshoot/
undershoot ratio for finding the optimum proportional gain,
K. However, the integral time constant is too long; that is,
the reset is too slow, for good response to load changes. An
integral time constant of 26 min did not give a good response
to a load change, as shown in Figure 9.7.

The optimum integral (reset) time constant for excellent
response to a load change is about 1.0 times the response
time, that is, 13 min. Reducing the integral time constant,

T, to 6.5 created instability in Figure 9.7. A correlation for
many combinations of self-regulating control loops is shown
in Equation 9.3. In other words, with K, = 4.08 and K, = 1.0,
the optimum integral time constant for excellent response to
load change was calculated as 0.88 times the response time,
or 11 min.

T, = 0.55 (K. K))"* response time 9.3

where:
7, = integral time constant (in minutes) for excellent
response to load changes
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The typical response times for variables in distillation column
control are as follows:

B Feed, reflux, or steam flow rate controller, 0.1 to 0.4 min

B Column pressure controller, 5 to 15 min

B Reflux drum or column base level controller, 10 to 30 min

B MRT (most responsive temperature) controller on a distil-
lation column, 10 to 120 min

9.8 Pattern Recognition Tuning of
Integrating Control Loops

The level controllers for the reflux drum and the column
base level for a distillation column are examples of integrat-
ing process response. If a level controller is put in manual
output mode and the valve position for the liquid flow out of
a reflux drum is increased, the level in the drum will inte-
grate the difference, that is, sum the difference over time,
and eventually empty the drum. Similarly, decreasing the
valve position will allow the drum to fill and eventually over-
flow. Consequently, the Robbins method of pattern recogni-
tion for tuning of level controllers uses a different set of rules
as follows:

1. Record the existing settings in the controller.

. Turn off the reset, or set the integral time constant to 30
min or longer.

.Turn off the derivative action, that is, D = 0.

. Set the proportional gain to 1.25.

. Introduce a step change in the controller setpoint.

[\

N N R W

. Record the response time for the control loop to reach
about 95% of the step change in setpoint after introducing
the change.
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7. Set the integral (reset) time constant in the controller to
be equal to the response time.

A reflux drum is sized and purchased to retain some inven-
tory of liquid and dampen the response in the flow rates
leaving the drum, namely, the reflux and distillate. So, there is
no financial incentive for controlling the liquid level within a
narrow band. On the contrary, there is a penalty for tight level
control by moving the flow rates to overshoot the final flow
rate and create high variability. Another issue is that a level
controller does not actually need any integral (reset) action. A
proportional-only controller could be used with a proportional
gain, K, of 1.25 and a controller output bias of 50%, so that
the outlet liquid valve could be wide open when the drum
was 90% full and completely closed when the drum was 10%
full. This is equivalent to a proportional band of 80%, that is,
100%/K.. A proportional gain, K, of 2.0 could be used so that
the valve would be wide open when the drum was 75% full
and completely closed when the drum was 25% full.

The dead time for a level control loop is usually very small,
so the loop has very little tendency to cycle until the propor-
tional gain is quite high. As a result of all these considerations,
the recommended procedure for tuning the level controller for
the reflux drum is to simply use a proportional gain in the con-
troller of 1.25 to 2.00 and start with an integral time constant,
7, of 30 min. Introduce a step change in level setpoint, and
observe the response time reach 95% of the step change. The
level may only approach the new setpoint and may not over-
shoot as shown in Figure 99 for a constant liquid flow rate into
the drum of 40% of the maximum flow rate and a step change
in level setpoint from 50% to 60%. Then set the integral time
constant equal to the response time. The response to a load
change, that is, a step change in liquid flow rate into a reflux
drum from 40% to 70%, is shown in a simulation in Figure 9.10.

Tuning the control loop for the liquid level in the bottom of
a distillation column can be similar to a reflux drum. However,
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the proportional gain may need to be in the range of 2 or
higher if a thermosiphon reboiler is used that requires a nar-
row range of liquid level for good operation.

9.9 Summary

This chapter described the concept of a self-regulating pro-
cess response and an integrating process response. Several
methods were described for tuning a control loop while the
controller is in automatic output mode. These include the trial-
and-error method, the Ziegler—Nichols ultimate gain method,
and the Robbins pattern recognition methods.

Exercises

9.1 With a controller in automatic output, a proportional
gain of 1.0, an integral time constant of 3.0 min, and
a derivative of zero, the response to a step change in
setpoint gave a quarter amplitude decay, and it took 39
min to reach the first peak. What is the first indication
that the controller could be tuned better? What changes
would be recommended for the tuning constants?

9.2 When a step change was introduced to a controller
setpoint, the process response reached the first peak in
5 min, the proportional gain was 2.5, the integral time
constant was 20 min, the derivative was zero, and the
height between the first peak and valley was 95% of
the height of the step change. Should the integral time
constant be increased or decreased? Should the propor-
tional gain be increased or decreased?

9.3 When the setpoint is changed 10% of span, the con-
trol valve moves from 60% to 100% controller output
and stays there for 10 min while the process variable
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(temperature) rises to its first peak in 15 min. The pro-
portional band is 15%, the integral time is 45 min, and
the derivative is zero. What is the next recommended
step in tuning the control loop in automatic output
mode?
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Chapter 10

Open-Loop Testing of
Process Response

This chapter describes how to characterize the response of a
process variable with a controller in manual output mode, that
is, with no feedback from changes in the process variable. Then
tuning rules based on mathematical models of the response are
used to estimate tuning constants for the controller.

Learning Objectives

When you have completed this chapter, you should be able to

1. Understand some procedures for testing the open-loop
response of processes for characterization and mathemati-
cal modeling

2. Calculate controller tuning constants by several different
tuning rules

105
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10.1 Self-Regulating Process Response

As discussed in Chapter 9, the process dynamics of most pro-
cess variables can be characterized as a self-regulating process
response. When the controller output changes the automatic
valve position of the manipulated variable, the process variable
moves to a new steady-state value.

The most common model of a self-regulating process
response is a first-order plus dead time (FOPDT) response.
The dead time response can be conceptualized as plug flow
through a length of pipe where there is a transport delay time
before a process variable change appears abruptly at the end
of the pipe. A first-order process response can be conceptu-
alized as a perfectly mixed continuous stirred tank reactor
(CSTR) with a fixed volume and a fixed flow rate through the
tank to give a fixed residence time. This can also be called
a first-order capacitance lag. When a process variable step
change is introduced to the inlet of a CSTR, the outlet change
follows an exponential decay. Initially, the outlet variable
changes rapidly, but the rate of change decays as the new
steady-state condition is approached.

The process flow diagram in Figure 10.1 shows the concept
of an open-loop process response that includes a dead time
plus two first-order capacitance lags. The process water that is
heated with live steam injection moves in plug flow through a

Process Process
Water In Water Out

DT T1 T2

TT = Temperature Transmitter

Figure 10.1 Process concept for modeling dead time plus two first-
order capacitance lags.
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length of pipe followed by two CSTRs with different volumet-
ric capacities. In this case, a step change can be introduced
to increase the position of the steam valve, and first there
will be a transport time delay for the higher-temperature
water to be transported through the pipe. The temperature
rise will appear abruptly at the end of the pipe and be mod-
eled as a dead time (DT). DT is equal to the volume of the
pipeline divided by the volumetric flow rate of the process
water. Next, the higher-temperature water will enter the first
CSTR with a residence time 7;, and the outlet from the first
CSTR enters the second CSTR. The capacitance lag times, 7;
and 7,, are equal to the volume of the CSTR divided by the
volumetric flow rate of the process water. The second capaci-
tance lag time, 7,, can model the combined response lag of
thermowells, sensors, and the movement of automatic valves.
The capacitance lag times, 7; and 7,, can also be referred to
as first-order filter constants.

A computer simulation of a process with a dead time, DT,
of 2 min and a first-order capacitance lag, 7;, of 22 min gave
an open-loop response shown in Figure 10.2. This was com-
pared with an open-loop response with DT = 2, 7] = 20, and
7, = 2 min. Adding the second capacitance lag, 7,, caused the
process variable response to be rounded a little after the dead
time, which is typical of a plant process response.

10.2 Ziegler—Nichols (Z-N) Open-Loop
Tuning Rules of Thumb

Ziegler and Nichols!' presented an open-loop test method in
their classic paper on tuning control loops. The method consists
of starting with the control loop at steady state, putting the con-
troller in manual output so that there is no feedback response
from any change in the process variable, and introducing a step
change in the controller output (valve position). Then the results
are used to characterize the process response by an apparent
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Figure 10.2 Open-loop process response to step change from 50% to
60% controller output.

dead time and the maximum rate of change in the process vari-
able, that is, the maximum process response rate.

Two data points were taken from each response curve in
Figure 10.2: when the process variable had reached 10% and
20% of the steady-state response. The results are listed in
Table 10.1. These data can be used to calculate the maximum
process response rate and apparent dead time for each case.

Table 10.1

Data Points from
Figure 10.2 for Z-N Calculations
with Controller Output Step from
50% to 60%

Time | Process Variable
DT | T, | T, | (min) (%)
2 12210 4.1 51
2 221 0 6.7 52
2 20| 2 5.5 51
2 20 | 2 8.1 52
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The open-loop process gain, K,,, for a self-regulating pro-
cess response is calculated from Equation 10.1.

_ % change in Process Variable at steady state

KP

. (10.D
% change in Controller Output

The process variable moved from 50% to 60% at steady state
for an open-loop step change in controller output from 50% to
60%, so K, = 1.0.

The maximum process response rate, MPRR, is calculated
from Equation 10.2.

% change in Process Variable

MPRR = (10.2)

Time, minutes

For DT = 2, 7; = 20, and 7, = 2 and a step change in con-
troller output of 10% in Table 10.1, the maximum process
response rate was calculated as (52 — 51%)/(8.1 — 5.5 min) =
1/2.6 = 0.385% change in process variable/minute using
Equation 10.2.

The apparent dead time, ADT, is determined by extrapolat-
ing the maximum process response rate, MPRR, back to the
starting value of the process variable. The maximum process
variable response from 51% to 52% took 2.6 min. A straight
line extrapolation back another 2.6 min would get back to the
starting point of the process variable of 50%. So, 55 — 2.6 =
2.9 min is the apparent dead time, ADT.

The recommended proportional gain is 0.9 times the
step size in controller output divided by the maximum
response rate of process variable and the apparent dead time
(Table 10.2). The CO step size was 10% as listed in the title
of Table 10.1. So, the recommended controller gain would be
K. = (0910)/(0.385)(2.9) = 8.1. The Z-N open-loop tuning rules
of thumb recommend setting the integral (reset) time constant
to 3.33 times the apparent dead time (Table 10.2). In this case,
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Table 10.2 Formulas for
Ziegler—Nichols Open-Loop Tuning
Rules for PI Controller

Tuning Constant Formula

K (0.9 CO step size)
¢ (MPRR ADT)

T, 3.33 ADT

the recommended integral time constant, 7;, would be (3.33)
(29) = 9.7 min.

The Z-N equations for predicting controller tuning con-
stants from open-loop test results give a recommended pro-
portional gain of K. = 12.3 and integral time constant of 7 =
6.3 min. These are very aggressive tuning constants that would
give oscillations and high variability compared to the optimum
tuning constants of K. = 4.08 and 7, = 13 min that were found
by the pattern recognition method in Chapter 9, Section 9.5,
for the same process.

The example in Figure 10.2 required 112 min (dead time
plus 5 times the capacitance lag times) for the process variable
to move 99% of the way to the new steady-state value. This
time or more is needed for determining the steady-state pro-
cess gain, K. By comparison, the time to reach the first peak
and valley in a closed-loop test took 25 to 30 min in Chapter
9, Figure 9.1, for the same process.

10.3 Two-Point Characterization of
FOPDT Process Response

Corripio? reviewed the two-point Smith method for charac-
terizing the open-loop process variable response to a step
change in controller output by an apparent dead time, ADT,
and an apparent first-order time constant, TFO. The two data
points on the process variable response curve are taken at
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T28.3 and T63.2. The data taken are the time elapsed after the
step change in controller output for the process variable to
reach 28.3% and 63.2% of the steady-state change. The ADT
and TFO are calculated from Equations 10.3 and 10.4:

TFO = 15 (T63.2 — T28.3) (10.3)

where:
TFO = first-order time constant (min)
T28.3 = time for PV to reach 28.3% of change to steady
state
T63.2 = time for PV to reach 63.2% of change to steady
state

ADT = T63.2 — TFO (10.4)

where:
ADT = apparent dead time (min)

The two points for each process variable response curve in
Figure 10.2 are listed in Table 10.3.

Using Equations 10.2 and 10.3 for the case with 7; = 22 and
T, = 0, the calculated first-order time constant is TFO = 1.5(23.7

Table 10.3 Data Points for Smith
Calculations from Figure 10.2 with
Controller Output Step from 50%

to 60%
Time | Process Variable
DT | T, | T, | (min) (%)
2 (2210 9.1 52.83
2 221 0 23.7 56.32
2 |20 2| 103 52.83
2 20| 2 23.6 56.32
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—9.D = 219 min, and the calculated apparent dead time is
ADT= 237 - 219 = 1.8 min.

For the case with 7; = 20 and 7, = 2 the calculated TFO =
15(23.6 — 10.3) = 20.0 min, and the calculated ADT = 23.6 —
20.0 = 3.6 min.

Many different tuning rules have been published for esti-
mating the controller tuning parameters to use for a first-order
plus dead time (FOPDT) process response, and they are too
numerous for a complete review in this book. Only a few will
be presented.

10.4 Quarter Decay Ratio
(QDR) Tuning Rules

Corripio? presented a summary of the quarter decay ratio
(QDR) equations for various controller actions as shown in
Table 10.4 for self-regulating process variable responses. For
the case with DT = 2, 7; = 20, and 7, = 2, the two-point
method calculations gave TFO = 20.0 min and DT = 3.6 min.
The QDR equations give a calculated controller gain of K,

= (090)/(1.0)(3.6) = 5.0 and 7, = 12.0 min for a PI control-
ler. These recommended tuning constants are a little more
aggressive than the optimum tuning constants of K. = 4.08 and
7. = 13 that were found by pattern recognition in Chapter 9,
Section 9.5, for the same system.

Table 10.4 Equations for QDR Tuning Rules

Controller Gain | Integral Time | Derivative
Control Action (K.) Constant (T) | Time (T,)
P 1.0 TFO/(K, ADT)
PI 0.9 TFO/(K, ADT) 3.33 ADT
PID, series 1.2 TFO/(K, ADT) 2.00 ADT 0.5 ADT
PID, parallel 1.5 TFO/(K, ADT) 2.50 ADT 0.4 ADT
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Table 10.5 Equations for IMC Tuning Rules

Controller Gain Integral Time
Control Action (K, Constant (T)
Pl, sluggish (TFO/K,)/(DT+TFO/2) TFO
PI, moderate (TFO/K,)/(DT+TFO/3) TFO
Pl, aggressive (TFO/K,)/(DT+TFO/4) TFO

10.5 Internal Model Control
(IMC) Tuning Rules

A set of Internal Model Control (IMC) tuning rules were estab-
lished by Rivera, Morari, and Skogestad? for a first-order plus
dead time (FOPDT) open-loop process response that simply
involves the adjustment of the proportional gain in the control-
ler, K, for tuning. The integral time constant, 7, is set equal to
the first-order time constant, TFO, for PI controllers (Table 10.5).

The recommended tuning constants using IMC tuning rules
for the case described earlier are shown in Table 10.6. All of
the combinations of tuning constants are more sluggish than
the optimum tuning constants of K, = 4.08 and 7, = 13 min for
excellent response to load disturbance, as shown by the pat-
tern recognition method in Chapter 9, Section 9.5. The mini-
mum TAE (integral of absolute error) from a setpoint change
was achieved with K. = 4.08 and 7, = 22 min as shown in
Chapter 9, Figure 9.1.

Table 10.6 Pl Tuning Constants Using IMC
Tuning Rules with K, = 1.0, TFO = 20, and

ADT = 3.6
Controller Gain | Integral Time
Control Action (K.) (T)
Pl, sluggish 1.47 20 min
Pl, moderate 1.94 20 min
Pl, aggressive 2.32 20 min
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Skogestad* reported a modification of the IMC rules to
SIMC rules for improved disturbance rejection. The recommen-
dation for PI control is to adjust the integral time constant to
the smaller value of either 7, = TFO or 7, = 8 ADT. The TFO of
20 min is smaller than the calculated 7, = (8)(3.6) = 28.8 min
in this case.

10.6 Integrating Process Response

The process flow diagram in Figure 10.3 shows the concept of
an open-loop process response for an integrator. The level in
the tank can be envisioned as the integrator or accumulator
of the difference in flow rate between the process fluid flow
rate into the tank and the flow rate out of the tank. There may
be little dead time, if any, between the time the valve position
changes and the level change starts to integrate the difference
in flow rates.

Another example of an integrating process response is the
storage of an inert gas in a pressure vessel. The inert gas can
accumulate or can be depleted from a storage tank as indi-
cated by the gas pressure in the vessel.

An integrating process response, for example, the level in a
reflux drum or distillation column base, will eventually over-
flow or run empty in an open-loop step test without further
manual intervention. One example of an open-loop step test

Vent

Process l

Fluid In

LT = Level Transmitter
Process

Fluid Out

Figure 10.3 Process concept for modeling an integrator.
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can be with a vertical reflux drum with the level transmitter at
50% at steady-state conditions. Say the controller output is at
70% with the flow rate into the tank equal to the flow rate out
of the tank at 0.05 tank volumes per minute. A tank volume
can be defined as the volume in the tank between the levels
of 0% and 100%. This would give a residence time of 20 min
if the tank were at 100% level and 10 min if the tank were at
50% level. Increasing the flow rate out of the vessel from 0.05
to 0.06 tank volumes per minute would cause the tank level to
drop 1% per minute. With a constant liquid flow rate into the
tank, a step change to increase the outlet valve position would
give a liquid level response that would be a straight line slop-
ing down with time.

Some guidelines for level control are to use a proportional
gain of 1.25 (proportional band of 80%) in the controller when
using the accumulator for level averaging to smooth the outlet
flow rate and allowing the level to deviate from setpoint to
accomplish this. The integral time constant can be set between
1 and 2 times the residence time of the material in the accu-
mulator. A higher proportional gain can be used in the con-
troller for tighter level control.

All of the tuning rules in Tables 10.2, 10.4, and 10.5 predict
that the controller gain, K, can be set to a high value if the
dead time, DT, is short. As a result of this, the proportional
gain for a level controller can often be adjusted to very high
values without creating a sustained cycle if the integral time
constant is kept larger than the closed-loop response time for
the process variable to move 95% of a step change in setpoint
as shown in Chapter 9, Section 99. At some point, an increase
in proportional gain in the controller, K., will simply amplify
the noise in the process variable signal into chatter (rapid
movement) of the controller output and the control valve posi-
tion. The noise in the process variable signal can be caused
from splashing in a reflux drum or boiling in a reboiler. In
that case, the controller gain can be reduced until the rapid
movement in the control valve is reduced to 2% of the average
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valve position or less. For example, if the average valve posi-
tion is moving up and down erratically between 58% and
60% with a proportional gain of 3, then the gain could be cut
in half to 1.5 to reduce the band of valve movement to run
between 58.5% and 59.5%. Also, the liquid level signal could
be filtered to reduce the noise level.

An open-loop step test on a level controller would start
with the liquid level and controller output at steady-state val-
ues with a constant flow rate of liquid into the vessel. Then,
increase the controller output by a step change, and observe
the rate of change in the liquid level. For example, with the
initial liquid level at 50% and the controller output at 70%,
put the controller in manual output mode and increase the
controller output to 80%. Observe the rate of change of the
process variable, say, a decline of 1.0%/min. This can be used
as the maximum process response rate, MPRR, for calculating
a controller gain, K, by the Z-N equation in Table 10.2. K. =
0YAOMD = 9 for an apparent dead time, ADT, of 1 min or
K. =18 for an ADT of 0.5 min. This would be expected to give
very tight level control compared to using a gain of K. = 1.25
for level averaging described earlier in this chapter and also in
Chapter 9, Section 9.8.

10.7 Summary

This chapter described the characterization of a process
response by introducing a step change in the controller out-
put with a controller in manual output mode. The values of
apparent dead time, first-order time constant, and process gain
were used to characterize an open-loop self-regulating process
response. The values of apparent dead time and percentage
change in accumulator level per minute were used to charac-
terize the open-loop integrating process response. Calculations
for controller PID settings were provided by several different
tuning rules.
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After the recommended controller tuning constants have
been calculated, they need to be put into the controller and
then tested in closed loop for a final evaluation. Closed-loop
performance results, that is, with the controller in automatic
output mode, can be evaluated by the pattern recognition
methods presented in Chapter 9.

Exercises

10.1 A controller was put in manual mode, and the control-
ler output was changed from 50% to 60%. Two points
on the response rate were 51% at 4.1 min and 52% at
6.7 min. What proportional gain and integral time con-
stant would be recommended from the Ziegler—Nichols
open-loop response curve method for a PI controller?
Would these tuning constants be expected to give a
more aggressive controller response than K. = 4.08 and
7. = 13 min or a more sluggish response?

10.2 Using the data from Table 10.3 for DT = 2, 7; = 22, and
T, = 0, what proportional gain and integral time con-
stant would be recommended for a PI controller using
the quarter decay ratio tuning rules?

10.3 Using the data from Table 10.3 for DT = 2, 7; = 22, and
T, = 0, what proportional gain and integral time con-
stant would be recommended for a PI controller using
the aggressive SIMC tuning rules? Would the tuning
constants from the SIMC tuning rules be expected to
give a more aggressive response than K. = 4.08 and 7, =
13 min or a more sluggish response?
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Appendix: Solutions
to Chapter Exercises

Exercise 2.1
R/D = 4

D/F =05
R/F=#®(05) = 2.

Exercise 2.2

R/D =3
R/O = 3/4 = 0.75.

Exercise 3.1

Equation 3.4, key impurity separation power = 10,000/(1)(2)
= 5,000.

Exercise 3.2

Equation 3.3, N,,;, = Ln [(99.5/0.5)/(1/99)/Ln 1.12 = 87.3.
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Exercise 3.3

Economical design is 2 (17) = 34 theoretical stages.

Exercise 4.1

Table for Exercise 4.1

Stage y
4 49.30
3 36.12
2 24.74
1 16.04

Note: Delta y between top two stages =49.30
-36.12 =13.18 mol% C6 change in
vapor phase.

Average delta y above and below Stage
3 =(49.30 - 24.74)/2 = 12.28 mol% C6
change in vapor phase.

Average delta y above and below Stage
2 =(36.12 — 16.04)/2 = 10.04 mol% Cé6
change in vapor phase.

Delta y between bottom two stages =
24.74 —16.04 = 8.7 mol% C6 change in
vapor phase.

The MRT point would most likely be
Stage 4.

Exercise 4.2

Equation 4.3, distillate/feed = (0.500 —0 .001)/(0.999 — 0.001)
= 0.498
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Exercise 4.3

Since the feed contains 60% light key component, the vapor
above the feed tray would be expected to be above 60%.
This would give 50% light key component below the feed
stage, so the MRT would be expected to be below the
feed stage.

Exercise 4.4

The vapor composition above the feed stage would be
expected to be above 3% light key component, so the
feed stage would be the closest to 50% in the vapor
phase. All of the other stages would be expected to be
lower in concentration of light key component.

Exercise 5.1

A scheme that uses a temperature controller to manipulate
the steam flow rate to the reboiler. There may not even
be any reflux flow to the column. The top vapor tem-
perature may be the MRT (most responsive temperature)
point.

Exercise 5.2

A scheme that uses a constant steam flow rate to the
reboiler pot and temperature controller that manipulates
the distillate flow rate. The reboiler pot temperature may
change the most, but the pot temperature would be an
indicator of the distillate composition.
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Exercise 5.3

Either a scheme using a fixed reflux flow rate and an MRT
controller that manipulates the steam flow rate to the
reboiler, or a scheme using a steady steam flow rate to
the reboiler and an MRT controller that manipulates the
reflux flow rate.

Exercise 6.1

The maximum constrained value is 20,000 Ib/h reflux
because it is 100% of the flow sensor output.

Exercise 6.2

Using Equation 6.1, S = (0.02) (39000) = 780
Equation 6.2, NTS = Ln[(1000/2)(1 — 1/780) + 1/780]/Ln 780
= 093 theoretical stages.

Exercise 6.3

Using Equation 6.1, S = (0.02) (39000) = 780
Equation 6.3, Ny; = {Ln[(1000/2)(1 — 1/780) + 1/780}/{1 —
1/780} = 6.2 liquid phase mass transfer units.

Exercise 6.4

Using Equation 6.9, Ny = Ln(200/0.1) = 7.6 gas phase trans-
fer units.
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Exercise 6.5

Using Equation 6.6, Ny, = (D) (Ln 3)/(1 — 1/3) = 1.65 liquid
phase mass transfer units.

Exercise 6.6

Using Equation 6.1, § = (1/350) (1.1/0.1) = 0.0314
and Equation 0.8, Ny = {Ln[(5000/DA - 0.0314) + 0.0314]}/
{1 — 0.0314} = 8.76 gas phase mass transfer units.

Exercise 7.1

DNS =0
Failure rate = 2
(221 = 10 or 11 samples per week would be out of spec.

Exercise 7.2

Failure rate of 1/790 would require DNS = 3.0 sigma
0.3% — (3.00(025) = 0.3 — 0.075 = 0.225% ethanol

Exercise 7.3

The MRT setpoint should be raised to increase toluene con-
centration and reduce the benzene concentration left in
the bottoms.
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Exercise 7.4

The separation power base could be reduced to reduce
energy consumption, and let the impurity concentrations
increase in the distillate and bottoms.

Exercise 7.5

Rule No. 5 would fire.

Exercise 7.6

Lowered.

Exercise 7.7

0.3(5 = 15°C.

Exercise 8.1

CO = change in PV times K. = 5% (5) = 25% change in con-
troller output.

Exercise 8.2

For Equation 8.1,

K. =125 and

CO — CO,, = 7% change in steam valve position.

So, e = 7/12.5 = 0.56% of temperature span

And (0.56/100)(200°C) = 1.12°C offset

The new steady-state temperature would be too low.
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Exercise 8.3

The controller gain, K. = 100/25 = 4.

The time to change the controller output as much as the
gain would change the controller outlet is 7, = 1/ repeats/
minute = 1/0.05 = 20 min.

Exercise 9.1

The integral time constant of 3 min is 13 times smaller than
the response time of 39 min. Increase the proportional
gain from 1 to 13, and increase the integral time constant
from 3 to 39 min.

Exercise 9.2

The integral time constant should be reduced to about 7
min, and the proportional gain should be reduced to
about 1.2.

Exercise 9.3

Use a smaller setpoint change, so that the controller output
does not saturate at 100%. Repeat the test with, say, a 5%
setpoint change in the opposite direction.

Exercise 10.1

(52 = SD/6.7 — 4.1) = 1/2.6 = 0.385% PV change/minute
Apparent DT = 4.1 — 2.6 = 1.5 min

K, =10

The Z-N recommended K, = (0.9)(10)/(0.385)(1.5) = 15.6
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T, = (3.33)(15) = 5.0 min
These tuning constants would be expected to be much
more aggressive than K. = 4.08 and 7, = 13 min.

Exercise 10.2

TFO = 219 min

Apparent DT = 1.8 min

K, =10

The QDR recommended K, = (0.9)(21.9)/(1.0)(1.8) = 11.0

7 = (3.33)(1.8) = 6.0 min

The high gain of 11 is much more aggressive than 4.08,
and the 7, = 6.0 min is much more aggressive than 13
min. The control loop would probably run with sustained
cycling.

Exercise 10.3

TFO = 219 min

Apparent DT = 1.8 min

K,=10

The IMC recommended K, = (21.9/1.0)/(1.8+219/2) = 1.72

The low gain, K, of 1.72 is much more sluggish than K, =
4.08

The IMC recommended 7, = 21.9 min

The SIMC recommended 7, = (8)(1.8) = 14.4 min

The lower 7; of 14.4 min is nearly the same at 13 min so, on
balance, the SIMC calculated values would be expected to
be more sluggish than K. = 4.08 and 7, = 13 min.
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flow rate, 37-38
Control valves, constraints due to
trim size in, 46
Controlled variables, 9-10
Cycling control loop,
troubleshooting, 84-85

Cyclohexane, mole percent of at
total reflux, 16

Cyclohexane/n-heptane, vapor-
liquid equilibrium data for,
14-15

D

D-POP (Distillation Performance
Optimization Program),
68
Dead time response, 106
determination of, 109
Derivative action, calculation of for
feedback control loop, 77
Derivative time constant, 77
Distance from nearest specification
limit (DNS)
calculation of, 59
optimum, 63
Distillate flow rate, temperature
control with, 34-37
Distillate vapor flow rate, 42—-43
Distillate/feed (D/F) material
balance split, 46-47
determination of, 24
Distillate/feed (D/F) ratio, 20, 23
expert system rules and
optimization of, 65-66
temperature change from shift
in, 27-29
Distillates
expert system rules and
optimization of, 65-66
heavy key in, 17
interaction of with bottoms
stream, 25-26
optimization of MRT and quality
of, 60-62
optimization rules when steam
or reflux is constrained,
67-68

quality measurements, 58



Distillation column control, 8
response times for variables in, 99
separation power base setting

for, 20

Distillation columns
column base levels for, 99-102
high steam consumption in, 63
high tray temperature in, 61
low tray temperature in, 62
optimization of using expert

systems, 65—69
quality performance in, 61
quality performance of a stream
from, 59-60
reduction of variability in, 64
rule of thumb for economical
design of, 17-18
separation power in, 13-16
Distillation process control,
application of scientific
method to, 3

Distillation systems
inlet streams in, 8-9
outlet streams from, 9

Dividing Wall Column (DWO),

41-42

DNS. See Distance from nearest

specification limit

Dynamic matrix control, 65

E

Economic return, optimization of
for distillation columns,
63-64
Energy consumption
requirements for doubling key
impurity separation power,
20
separation power and, 18-20
Environmental disturbances
effect of on boilup control
scheme, 39
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effect of on manipulated
distillate control scheme,
36
effect of on reflux control
scheme, 38
Error, 74
Expert system advisors,
optimization using, 65-69

F

Failure, frequency of, 59-60
Feed streams, 23, 25-26
effect of changes in, 27-29
Feedback control loop, 74. See also
Control loops
derivative action, 77
integral action, 76
proportional action, 75-76
Fenske equation, 17
First-order capacitance lag, 106
First-order filter constants, 107
First-order plus dead time (FOPDT)
response, 106
two-point characterization of,
110-112
First-order time constant (TFO),
determination of, 111
Flooding, 45-46
Flow rate, 10
reflux control scheme, 37-38
side draw, 41

G
Gas transfer units, calculation of

for theoretical stages in
rectification, 52-53

H

Heat transfer, constraints, 47
Heavies, weight fraction of, 24-25
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Heavy key impurity, 17
concentration of and quality
measurements, 58
stripping factor values for, 50-53
Hydraulics, 45-46

Impurities, 58. See also Heavy
key impurity; Light key
impurity

Individual component material
balance, 24

Inlet streams, 8-9

Integral action

calculation of for feedback
control loop, 76
effect of, 93-99
Integral time constant, 76, 82
relationship with response time,
94

Integrating control loops, pattern
recognition tuning of,
99-102

Integrating process response, 80,
114-116

Integrators, process concept for
modeling of, 114

Internal model control (IMC),
tuning rules, 113-114

Inverse lever—arm rule, 25

K

Key impurity concentrations. See

also Heavy key impurity;
Light key impurity

expert system rules and
optimization of, 65-66

quality measurements and, 58

specification limits and, 19

temperature changes and,
27-29

Key impurity separation power,
17-18
energy consumption required to
double, 20

L

Level controllers, 115
tuning of, 99-102
Lever, 25
Light key impurity, 17
concentration of and quality
measurements, 58
stripping factor values for, 47-49
Lights, weight fraction of, 24-25
Liquid phase mass transfer unit,
48-49
Load change, 94-96
control loop response to, 95
level response to, 101
Low-level constraint control, use of
in reflux control scheme,
37-38

M

Manipulated distillate control
scheme, 34-37
Manual control
manipulated distillate control
scheme, 35
reflux control scheme, 38
Mass transfer
rectification constraint, 50-53
stripping constraint, 47-50
Material balance control schemes,
34
Material balance split, 10, 20, 23
equations for, 24
side draw flow rate control and,
41
temperature change and shift in,
27-29



Maximum process response rate
(MPRR), calculation of,
109
Maximum reflux ratio. See Total
reflux
McCabe-Thiele diagram, 19
Minimum integral of absolute error
(IAE), 88
Minimum reflux ratio, 10
energy consumption and, 18
Most responsive temperature
(MRT), 28, 29, 30
expert system rules and
optimization of, 65-66
optimization of between
distillate and bottoms
quality, 60-62

N

Normal distribution, DNS uvs.
frequency of failure rate

for, 59-60

Normal Gaussian error distribution,
59

O

Offset, 75

Open-loop process gain
calculation of, 109
two-point characterization of
FOPDT response, 110-112
Open-loop process response, 106
Ziegler—Nichols rules of thumb
for, 107-110
Open-loop step tests, 114-116
Optimization, 65-69
Optimum gain, control loop
response with, 90-93
Oscillating control loops,
troubleshooting, 84-85
Outlet streams, 9
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Overshoot, 85
Overshoot/undershoot ratio, 88, 98

P

Packing efficiency, vapor traffic
and, 46
Parallel algorithm for PID
controllers, 77
Pattern recognition tuning
integrating control loops,
99-102
self-regulating control loops,
86-90
PID controllers. See also Control
loops; Feedback control
loop
algorithms for, 77
Pinch condition, 46
Preact action, calculation of for
feedback control loop, 77
Pressure, control of, 9-10
Pressure drop, 45-46
Process variables
controlled, 9-10
feedback control loops and, 74
process dynamics of, 80
response time for, 99
vapor traffic, 45-46
Process water, heating with steam
injection, 74
Proportional action, calculation of
for feedback control loops,
75-76
Proportional gain, 75
effect of, 90-93

Q

Quality
DNS measurements and, 59
excessive use of steam and,

62-63
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frequency of failure and, 59-60
optimization of MRT and,
60-62
reduction of variability and,
63-65
Quality performance measurement,
58
Quarter decay ratio (QDR)
tuning of control loops, 85-86
tuning rules, 112

R

Raoult’s law, 14
Rate action, calculation of for
feedback control loop, 77
Rectification, 20-21, 39
mass transfer constraint, 50-53
measuring quality performance
of, 58
stages and gas mass transfer
units for, 52
Reflux, constraint of and system
optimization, 67-68
Reflux drum, level controllers for,
99-102
Reflux flow rate, temperature
control with, 37-38
Reflux ratio, 10
Reflux/feed ratio, use of to set
separation power base, 20
Relative volatility, single theoretical
stage, 13-16
Reset action
calculation of for feedback
control loop, 76
effect of, 93-99
Ringing, 92
Robbins tuning method
pattern recognition for level
controllers, 99-102
self-regulating control loops,
86-90

S

Scientific method, 2
Self-regulating control loops
calculation of process gain, 98
correlation for minimum IAE in,
97
pattern recognition tuning of,
86-90
Self-regulating process response,
80, 106-107
Separation power
constraints on, 46
energy consumption and, 18-20
key impurity, 17-18
multiple stages, 16-18
origin of in a distillation column,
13
relative volatility in single stage,
14-16
Separation power base
derivation of from reflux/feed
ratio, 39-40
establishment of with steam/feed
ratio, 36, 38
expert system rules and
optimization of, 65-66
reflux ratio and, 10
setting for distillation control,
20
Series algorithm for PID controllers,
77
Setpoint, 74
control loop response to change
in, 96
level control response to change
of, 101
Side draw flow rate, 41
SISO (single input single output)
control, 36
Slave flow control loop
use of in bottoms control
scheme, 40



use of in manipulated distillate
control scheme, 36
use of in reflux control scheme,
38
Specification limits, key impurity
concentrations and, 19
Steam
constraint of and system
optimization, 67-68
excessive use of, 62-63
Steam flow rate. See also Boilup
measurement of in distillate
control scheme, 35
temperature control with, 38—40
Steam/feed ratio
establishment of separation
power base with, 36, 38
expert system rules and
optimization of, 65-66
Step changes, trial-and-error tuning
and, 82
Streams, flow rates of, 8
Stripping, 20, 39
mass transfer constraint, 47-50
measuring quality performance
of, 58
stages and liquid mass transfer
units for, 49
Stripping factor, 47-50
rectification, 50-53
Sustained cycling, 83

T

Temperature

change in from D/F shift, 27-29

control with boilup, 38-40

control with distillate flow rate,
34-37

control with reflux flow rate,
37-38

gradient per theoretical stage,
26-27
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Theoretical stages
calculation of for rectification,
50-53
calculation of for stripping, 48
energy consumption and the
number of, 18
Fenske equation for determining
number of, 17
separation power with, 16
temperature gradients and,
26-27
Total material balance, 24
Total reflux, 10
energy consumption and, 18
manipulated distillate control
scheme and, 36
mole percent of cyclohexane in
liquid and vapor at, 16
separation power with multiple
stages at, 16-18
Tray efficiency, vapor traffic and,
46
Tray temperature gradient method,
27-29
Tray temperature in distillation
columns, effect of on
quality, 61-62
Tuning of control loops
effect of integral action, 93-99
effect of proportional gain,
90-93
internal model control (IMC)
rules, 113-114
oscillating, 84-85
pattern recognition, 86—90
quarter decay ratio, 85-86
quarter decay ratio rules, 112
trial-and-error, 81-82
ultimate gain, 82-84
Ziegler—Nichols rules of thumb,
107-110
Two-point Smith method, 110-112
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U

Ultimate gain tuning of control
loops, 82-84

Ultimate peak-to-peak time period
(UTP), 82

Ultimate proportional gain (UG),
82

Undershoot, 85

\%

Vacuum towers, 29

Vapor concentration response, D/F
changes and, 27

Vapor flow rate, 42-43

Vapor pressures, rule of thumb for
calculating, 14

Vapor side draw, 41

Vapor traffic, 45-46
Vapor-liquid relative volatility,
single stage, 13-16
Variability
quality measurement and, 58
reduction of to improve quality,
63-65
Volatility, 46

%%

Weight fraction concentration,
24-25

y4

Ziegler—Nichols closed-loop tuning
method, 82-84
rules of thumb for, 107-110
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